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Chapter 1 

 
Introduction 

 
 
1.1 Reactive extrusion 
 
Since the 1980's, the interest in reactive extrusion is growing. This growing interest is based 
on the fact that the extruder can handle highly viscous materials, which makes it suitable as a 
chemical reactor for the production of polymers. From the beginning of the polymer 
industry, extruders have been used for melting, pumping, mixing and devolatilising 
polymers. Besides, extruders find applications in food industry.  
Historically, polymerisation- and modification reactions of polymers were carried out in 
diluted systems. After completion of the reaction, solvent had to be removed, which was 
rather energy consuming. Because of environmental restrictions issued over the last 20 
years, the reduction of energy consumption and solvent emission became very important. 
The environmental advantages of an extruder used as a reactor becomes clear when the 
extruder is compared with the traditional reactors, which need solvents to dilute the viscous 
polymer liquid. Extruders need no diluent, which eliminates the energy for a solvent 
recovery. Furthermore, no energy is necessary to heat or cool the solvent, and when no 
solvents are used, there will be no emission of these chemicals. The potential of these 
advantages is very large, because in traditional reactors, the polymer is diluted 5 to 20 times. 
Reactive extrusion can be used for a lot of reactions. The main reactions are (Lambla 1994, 
Xanthos 1992, Brown 1988, Wielgolinski 1983): 
- bulk polymerisations; 
- graft- or functionalisation reactions; 
- coupling- or branching reactions; 
- degradation reactions. 
In a clear article Todd (1992) describes the advantages and limitations of reactive extrusion. 
Besides the advantages already mentioned, Todd states that the extruder provides good 
mixing, that the thermal homogenisation is better than in traditional reactors and that the 
residence time distribution can be controlled quite well. Furthermore, the extrusion process 
is continuous and the extruder does not have stagnant zones. Due to its high plug flow 
character, the extruder volume can be smaller than the volume of traditional reactors. 
Restrictions are the limited residence time, the limited heat transfer through the barrel and 
the poor ability to handle low-viscous materials.  
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1.2 The extruder as a polymerisation reactor 
 
The possibilities for the use of an extruder as a polymerisation reactor were already 
recognised in 1950. A patent of Dow Chemical Company (Stober 1950) described the use of 
a single screw extruder as a main polymeriser. After a prepolymeriser with a mean residence 
time of 90 hours, a screw conveyor was used as a polymerisation reactor, in which a 
residence time of 18 hours was necessary for the thermal polymerisation of styrene. The first 
polymerisations described in open literature were the polymerisation of nylon (Illing 1969) 
and several polycondensation reactions (e.g. Mack 1972). In the mid-seventies, the first 
theoretical considerations concerning reactive extrusions appeared. Meyuhas (1973) stated 
that the extruder is the best plug flow reactor for viscous materials, but that some 
distribution in molecular weight of the polymer formed can not be prevented. This study 
advised a prepolymerisation to avoid low viscous material fed to the extruder. Mack (1976) 
proposed twin screw technology for reactive extrusion because of difficulties in scaling up 
single screw extruders that can be avoided in twin screw extruders. Furthermore, the 
residence time and its distribution can be controlled better in twin screw extruders. 
Residence times of half an hour were possible in a self-wiping twin screw extruder. Finally, 
Mack concluded that a combination of a stirred tank reactor, a single screw extruder and a 
twin screw extruder is most suitable for the production of polyesters.  
In more recent years, the radical polymerisation of several methacrylates was studied in a 
counterrotating twin screw extruder (Stuber 1985, Dey 1987, Ganzeveld 1993, Jongbloed 
1995a). Stuber and Dey studied the radical polymerisation of methylmethacrylate, 
Ganzeveld the polymerisation of n-butylmethacrylate, while Jongbloed studied a 
copolymerisation of n-butylmethacrylate and 2-hydroxy-propylmethacrylate. Jongbloed and 
Ganzeveld found maximum conversions of roughly 93% in one step, while Dey claimed 
complete conversion after prepolymerisation. Jongbloed (1995b) used also a selfwiping 
corotating twin screw extruder for the copolymerisation of n-butylmethacrylate and 2-
hydroxy-propylmethacrylate. Apart from the polymerisations already mentioned, the 
counterrotating extruder was also used for the polycondensation of urethanes (Ganzeveld 
1992) and the anionic polymerisation of ε-caprolactam (Speur 1988). The possibilities for 
reactive extrusion of urethanes were also recognised by several other authors (Bouilloux 
1991, Coudray 1994, Uhland 1994). 
Recent articles describe the use of a corotating twin screw extruder for the anionic 
polymerisation of e-caprolactam (Hornsby 1994, Kye 1994, Michaeli 1995). Kye 
successfully integrated the anionic polymerisation of e-caprolactam in a corotating twin 
screw extruder with a melt spinning of a polyamide 6 fiber. The anionic polymerisation of 
styrene was investigated by Michaeli (1993, 1995), who also published on the 
copolymerisation of styrene with isoprene (Michaeli 1994). The processes, described by 
Michaeli, seems very promising, since complete conversion was easily obtained in one step.  
The radical polymerisation of styrene in a extruder was described in a patent by Kelley 
(1993). In a two-stage process, styrene was polymerised and devolatilised in a corotating 
twin screw extruder (Berstorff ZE180). The patent claimed a throughput up to 8000 kg per 
hour. The patent also describes several copolymerisations with styrene as the main 
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component and the synthesis of high-impact polystyrene (HIPS). Since this process 
resembles our process, it will be evaluated in chapter 4 and compared with the process 
studied in this thesis.  
 
 
1.3 Classification of extruders 
 
An extruder is an apparatus that consists of one or more screws enclosed by a barrel. A 
schematic picture is given in figure 1.1. When the screw of an extruder rotates, material 
inside the extruder is transported from the feed zone to the die end. The barrel of an 
extruder, and thereby the material in the extruder, can be heated.  
 

 
 
Fig. 1.1 Schematic representation of an extruder 
 
Single screw extruders are most widely used in industry, since it is a simple and cheap 
extruder type. The extruder consists of one screw in a barrel of circular cross-section. The 
transport mechanism is based on drag flow, which originates from the contact effects 
between the material, the barrel and the moving screw. No-slip conditions are essential for 
the functioning of the extruder. Due to the pressure built up at the die end of the extruder, a 
pressure flow in a opposite direction of the drag flow arises. The throughput of the single 
screw extruder can be calculated by subtracting the pressure flow from the drag flow.  
Twin screw extruders consist of two screws that are placed parallel in a barrel with a eight 
shaped cross-section. Twin screw extruders can be divided into two main groups: corotating 
and counterrotating. Corotating extruders can be divided into self-wiping (the shape of the 
screws results in a cleaning of the screws) or closely intermeshing (the channel of one screw 
is blocked by the flight of the other screw). Counterrotating extruders can be divided in 
closely intermeshing or non-intermeshing. Non-intermeshing means that the distance 
between the two screw axes is at least equal to the outer screw diameter (Janssen 1978). 
Figure 1.2 represents the classification of twin screw extruders.  
Material inside a closely intermeshing twin screw extruder is transported by volumetric 
displacement. This volumetric displacement is relatively independent of rheological 
behaviour of the material inside the extruder. This results in a stable transport mechanism. In 
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non-intermeshing or selfwiping extruders, the transport mechanism stands midway between 
the transport mechanisms of single screw extruders and closely intermeshing extruders. 

 
Fig. 1.2 Classification of twin screw extruders 
 
 
1.4 About this thesis  
 
The objective of this study is the production of styrene based polymer blends by means of 
reactive extrusion. The blends will be obtained by dissolving a polymer in a monomer 
(mixture) that will be polymerised in an extruder in order to obtain a fine dispersion of the 
dissolved polymer in the newly formed polymer. Before the polymer blends can be 
synthesised, the production of polystyrene and styrene copolymers (mainly the styrene-n-
butylmethacrylate copolymer) through reactive extrusion has to be investigated thoroughly. 
This part of the study is more extensive than expected in advance, but it has resulted in a 
new theory concerning reactive extrusion. Apart from reactive extrusion, the theory of the 
counterrotating twin screw extruder will be evaluated, and supplemented where necessary.  
 
The contents of the chapters are as follows: 
Chapter 2 gives an extensive description of the counterrotating twin screw extruder. It 
evaluates traditional theories concerning this type of extruder. This chapter shows how to 
determine of the degree of fill in the partially filled zone and the length of the fully filled 
zone.  
Chapter 3 gives information about the applications and synthesis of polystyrene and styrene 
copolymers. Furthermore, it gives some theoretical considerations about polymer kinetics of 
homo- and copolymerisations. After that, the results of kinetic experiments are discussed. 
Chapter 4 shows the experimental set-up. The results of the extrusion polymerisation of 
styrene (St) with n-butylmethacrylate (BMA) are described. Finally, this chapter outlines the 
effect of prepolymerisation on the process and the product properties.  
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In chapter 5, the effect of the polymer melt viscosity on the working domain is investigated 
by slightly crosslinking the St-BMA-copolymer. The crosslink agent used is divinylbenzene 
(DVB). The influence of the crosslink agent on the product properties is also described in 
this chapter. 
The effect of the polymerisation rate on the working domain is studied in chapter 6. By 
replacing a certain part of the BMA by maleic anhydride (Mah), the polymerisation rate is 
increased. Furthermore, this chapter describes the influence of Mah on several product 
properties. 
Chapter 7 gives a theory that explains the results of the previous chapters. By using this 
theory, an optimisation diagram is developed for extruders used as polymerisation reactors. 
In chapter 8, the production of polymer blends is described. In order to obtain the best 
polymer properties, only styrene is used. Therefore, this chapter starts with the extruder 
polymerisation of styrene, followed by the production of the polymer blends based on this 
monomer. The polymers used are poly-2,6-dimethyl-1,4-phenylene oxide (PPE) in order to 
increase the glass transition temperature, and SBS (a styrene-butadiene-styrene triblock-
polymer) to increase the impact strength.  
Chapter 9 gives the main conclusions of this thesis.  
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Chapter 2 

 
The counterrotating twin screw extruder 

 
 
In this thesis, a closely intermeshing counterrotating twin screw extruder is investigated as a 
polymerisation reactor. A theoretical description of this type of extruder is therefore outlined 
in this chapter.  
A thorough study of the counterrotating twin screw extruder is carried out by Janssen 
(1978). In this chapter, the main aspects of that study are given and a few corrections are 
made (e.g. the boundary conditions in section 2.2.6). Furthermore, the theory is validated by 
residence time distribution measurements. This validation is possible, since the die 
resistance is determined quantitatively, which is a new aspect in extruder research. This 
chapter ends by giving the consequences of the experiments for modelling the residence time 
and residence time distribution of the counterrotating twin screw extruder. 
 
 
 
2.1 Twin screw extruders 
 
Twin screw extruders are used in various parts in polymer industry. In most applications, 
solid polymer pellets are fed to the extruder, which gives three different zones in twin screw 
extruders. These zones are: 
•  a solid transport zone, which is filled with polymer pellets from the hopper; 
•  a melt zone, where the polymer melts; 
•  a pump zone, which is completely filled with material. In this zone pressure is built up to 

overcome the die resistance. 
In a polymerisation process with a liquid starting material, only two zones can be 
distinguished in the extruder (figure 2.1): 
•  a partially filled zone, where the screws are not completely filled with material; 
•  a pump zone or fully filled zone, where pressure is built up.  
The transition from the partially filled zone to the fully filled zone takes place within one 
pitch length, as will be explained in section 2.2.3.  
When the extruder is used as a polymerisation reactor, also a reaction zone can be identified. 
The position of the reaction zone depends on product properties and on process parameters 
such as barrel temperature, throughput, screw speed and die resistance. The optimum 
situation in reactive extrusion is obtained when the reaction takes place in the whole 
extruder volume. However, in many applications, the extruder used is larger than necessary, 
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which implies that the extruder is starved fed, resulting in a partially filled zone as illustrated 
in figure 2.1. 
 

 
 
Fig. 2.1 Schematic representation of the two zones in an extruder, which is fed with liquid 
 material 
 
 
2.2 Extruder theory 
 
The extruder used in this thesis is a counterrotating closely intermeshing twin screw 
extruder. In this type of extruder, the channel of one screw is blocked by the flight of the 
other screw (figure 2.2). Therefore, the extruder can be considered as series of separate 
chambers, which are more or less C-shaped. In the C-shaped chambers, material is 
transported towards the die by positive displacement. This transport mechanism is 
characteristic for closely intermeshing extruders. In other types of extruders, material is 
mainly transported by drag flow. The transport by positive displacement is a stable 
mechanism, since it is relatively independent of the rheology of the material inside the 
extruder.  
The theoretical throughput Qth is defined as the maximum volumetric displacement rate, 
which equals the number of C-shaped chambers transported per unit time multiplied by the 
volume of one chamber: 
 
 cth mNVQ 2=  (2.1) 
 
where N is the screw rotation rate, Vc the volume of a C-shaped chamber and m the number 
of thread starts. Since the extruder used has a screw with a single thread start, m equals 1. In 
this chapter, all formulas given are only valid for a single thread start screw (m=1). A more 
extensive description is given by Janssen (1978). 
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Fig. 2.2 Closely intermeshing counterrotating screws 
 
Because of mechanical clearances, the chambers are not completely closed. Leakage flows 
cause interaction between the chambers. The real volumetric throughput Q is therefore given 
by: 
 
 lth QQQ −=  (2.2) 
 
in which Ql is the sum of all leakage flows over a cross-section of the extruder. A 
description of the leakage flows will be given in section 2.2.2. 
 

 
Fig. 2.3 A C-shaped chamber 
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2.2.1 The C-shaped chamber 
A closely intermeshing extruder consists of two screws, which rotate in an eight-shaped 
barrel. Since the screws are closely intermeshing, C-shaped chambers occur. Such a chamber 
is schematically shown in figure 2.3. 
The volume of one C-shaped chamber is very important, since it determines the theoretical 
throughput (equation 2.1). The volume can be calculated by subtracting the volume of the 
screws from the barrel house volume. The volume of half the barrel house Vb over one pitch 
length S is given by:  

 ( ) ( ) ( ) SHHRHRRV s
b



















 −−−














 −−+++






 −=

2
2

222
σσσδδαπ  (2.3) 

 
with:  
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The relevant parameters are shown in figure 2.4 and figure 2.5. 

 
 

 
 

Fig. 2.4 Cross-section of the barrel house 
 
Obviously, the screw volume is determined by the volume of the of the screw root and the 
screw flights. The volume of the screw root Vr over one pitch length S is given by: 
 
 ( ) SHRVr

2−= π  (2.4) 
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The volume of the screw flight Vf  equals:  

 ( ) 







−+








−= ψπ tan

4
2 3

3
22

2

HRHBHRHV flf  (2.5) 

 
The total volume of one chamber Vc can be calculated by subtracting the volume of the 
screw from the volume of the barrel house. For a single tread start screw, the volume equals: 
 
 frbc VVVV −−=  (2.6) 
 
The volume of one C-shaped chamber of the extruder used in this thesis is 7.31 ml. 
 

 
 

Fig. 2.5 Cross-section of the screws 
 
2.2.2 The leakage flows 
Equation 2.2 shows that the throughput of the extruder equals the theoretical throughput 
minus the leakage flows. In the counterrotating twin screw extruder, four leakage flows 
occurs as a result of four gaps that be distinguished (figure 2.2): 
•  the flight gap, which is a clearance between the barrel and the flight of the screws; 
•  the tetrahedron gap, which originates from a gap between the flight walls. This gap 

resembles a tetrahedron and it is the only gap that connects chambers on the opposite 
screws; 

•  the calander gap, which is formed by the clearance between the flight of one screw and the 
bottom of the channel of the other screw. This gap resembles a calander; 

•  the side gap, which is a clearance between the flight walls of the screws, perpendicular to 
the plane through the screw axes. 

The leakage flows are driven by interchamber pressure differences ∆Pc and by the 
conveying of the moving surfaces. The leakage flows driven by conveying of the moving 
surfaces can be interpreted as the amount of material that is not scraped from the walls.  
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In general form, the leakage flows are given by: 

 
η

c
l

PBANQ ∆
+=  (2.7) 

 
where A and B are geometrical constants, and η the viscosity of the material inside the 
extruder. The values of the geometrical constants for the extruder used are listed in table 2.1. 
These values are calculated by using the dimensions of the screw as given in table 2.6 (see 
appendix at the end of this chapter). As can be seen in table 2.1, the leakage flow through the 
tetrahedron gap is only pressure driven. There is no drag flow in this gap, because the walls 
move in opposite direction. If an interchamber pressure difference exists, the leakage flow 
through the tetrahedron gap is the most important in the extruder used. Roughly 65% of the 
total pressure driven leakage flow passes this gap. When no interchamber pressure 
difference exists, the leakage flow through the calander gap is most important. Since the 
flight gap width is very small, the flow through this gap is almost negligible. 
 
Table 2.1 Geometric constants. Ac means the geometrical constant A belonging to the  
  calander gap,  etc.  
 

Symbol place of the gap value 
Ac calander gap 1.559 10-6 m3 
As side gap 5.782 10-7 m3 
Af flight gap 6.270 10-8 m3 
At tetrahedron gap 0 
Bc calander gap 2.663 10-10 m3 
Bs side gap 4.791 10-11 m3 
Bf flight gap 2.152 10-13 m3 
Bt tetrahedron gap 1.158 10-9 m3 
   
A  4.399 10-6 m3 
B  1.787 10-9 m3 

 
The total leakage flow can be calculated by solving a mass balance over the cross-section of 
the extruder. Since the leakage flows go from one chamber to different other chambers, the 
leakage flow can be calculated via: 
 
 csftl QQQQQ 222 +++=  (2.8) 
 
As stated before, the C-shaped chambers can be schematically represented by separate 
chambers, which are transported towards the die. The chambers are connected by the 
leakage flows as illustrated in figure 2.6. 
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Fig. 2.6 Schematic representation of the interaction between the C-shaped chambers by the 
 leakage flows for a single thread screw 
 
 
2.2.3 The partially filled zone 
When an extruder is fed with a liquid (or a polymer melt), two zones can be distinguished: a 
fully filled zone and a partially filled zone. A closer look at figure 2.7 reveals that the 
partially filled zone can be divided into three zones.  
 

 
 
Fig. 2.7 The degree of fill versus the length of the extruder 
 
Zone 1 is the feed zone. Due to the fact, that no leakage flows occur in the first chamber (the 
flow can not go back), the degree of fill α can be calculated by using: 
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th

r Q
Q==αα  (2.9) 

 
In zone 2, the degree of fill is somewhat higher than the relative throughput αr, since some 
leakage flow is likely to occur. The degree of fill therefore equals: 
 

 
th

pfzl

Q
QQ ,+

=α  (2.10) 

 
The amount of leakage flow in the partially filled zone Ql,pfz is studied experimentally in 
section 2.3.5. In order to describe Ql,pfz adequately, the function f(α) is introduced. This 
function indicates the fraction of drag induced leakage flow that should be taken into 
account in the partially filled zone. The value of the function f(α) lies between 0 and 1, and 
is considered to be dependent on the degree of fill α. Since no interchamber pressure 
difference exists in the partially filled zone, the leakage flow in the partially filled zone is 
given by: 
 
 ( )ANfQ pfzl α=,  (2.11) 
 
In the literature, several assumptions are made for f(α). Speur (1988) and Janssen (1979) 
assumed f(α) = 0, when a solid feed is used. For most solid feeds, this assumption is valid, 
although Jager (1992) and Chen (1993) found that for respectively maize grits and 
polystyrene some leakage flow occurs in the partially filled feed zone. For a liquid feed, 
some leakage flow will always occur, as a result of which the degree of fill is underestimated 
by using f(α) = 0.  
Pieters (1993) obtained good results in predicting the residence time by assuming f(α) = 1, 
which means that the total non-pressure driven leakage flows are taken into account in the 
partially filled zone. The throughput was always smaller than 0.2*Qth in that study. In 
another study (De Graaf 1996), the leakage flow was assumed to be linearly dependent on 
the degree of fill. In formula form: 
 
 ( ) αα =f  
 
The third zone is the transition to the fully filled zone. Within one pitch, the pressure 
induced leakage flows, which come from the last chamber of the fully filled zone, fill the 
chambers completely. The short transition zone was experimentally observed by Janssen 
(1978). 
 
 
2.2.4 The fully filled zone 
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The fully filled zone is the pump zone of the extruder. In this zone, pressure is built up, 
which is needed to overcome the die resistance. The length of the fully filled zone L can be 
calculated by means of the number of fully filled chambers νf. For an isoviscous liquid, the 
pressure built up per chamber is constant, which implies: 
 

 
c

die
f P

P
∆

=ν  (2.12) 

 
The die pressure Pdie is determined by the die resistance (K-1), throughput Q and viscosity η 
of the material in the die: 
 

 
K

QPdie
η=  (2.13) 

 
By combining equations 2.2, 2.7, 2.12 and 2.13, the number of fully filled chambers can be 
expressed as a function of geometrical constants, screw speed and throughput. 
 

 ( )ANQQK
BQ

th
f −−

=ν  (2.14) 

 
Equation 2.14 shows that for an isoviscous liquid, the number of fully filled chambers is 
independent of the viscosity of the material inside the extruder. From equation 2.14, the fully 
filled length can be calculated by using: 
 
 SL fν=  (2.15) 
 
2.2.5 The mean residence time 
Generally, twin screw extruder are partially filled. The volume V that is filled with liquid is 
given by: 
 
 ( ) cftotcf VVV αννν −+=  (2.16) 
 
where νtot is the total number of chambers in the extruder. 
When a die with a volume Vdie is attached to the extruder, the mean residence time τ for the 
combination of extruder and die is given by: 
 

 
( )

Q
VVV diecftotcf +−+

=
αννν

τ  (2.17) 

 
2.2.6 Flow profiles in the chambers 



Chapter 2 

16 

The flow pattern in a C-shaped chamber is very important for a good understanding of the 
working of an extruder. The flow in a C-shaped chamber is mainly three-dimensional (Speur 
1988). For reasons of simplicity, we will only discuss some two-dimensional flow patterns 
as described in literature.  
The geometry of a C-shaped chamber is very complicated. Therefore, the chamber will be 
simplified to a rectangle (figure 2.8). This representation implies that the depth of the 
chamber is small compared to the radius and that the pitch of the screw is not very large. 
Furthermore, the movement of the flights at the beginning and at the end of the chamber is 
neglected.  
The transport of material is caused by the movement of the C-shaped chamber towards the 
die due to the rotation of the screw. Within the chamber, the surface of the screw drags the 
material in a tangential direction towards the end of the chamber (this means in the direction 
of the feed zone), which results in pressure differences inside the chamber. The net resulting 
flow of drag and pressure equals the leakage flow from one chamber to other chambers. The 
amount of leakage flow, and therefore the throughput, determines whether the pressure flow 
is opposite to or in the same direction as the drag flow. 
 

 
 
Fig. 2.8 Rectangular representation of a chamber 
 
An approximation of the flow profile in the chamber can be obtained by making some 
further assumptions. First of all, the depth of the chamber is small compared to the width, 
the liquid is incompressible and shows Newtonian behaviour. Furthermore, the inertia forces 
are neglected. The momentum equation for the flow in the tangential direction towards the 
end of the chamber reduces to:  

 2

21
dy

vd
dz
dP zt =

η
 (2.18) 

 
with the boundary conditions: 

 
( )

( ) φ
φ

πφφπ

sin
cos

sincos0

NSHv

NDNSNDv

z

z

=

=+=
 (2.19) 

where φ is the screw angle (figure 2.9). A positive velocity vz means that the velocity is in 
the down-chamber direction. If the depth of the chamber H is not negligible compared to the 
diameter D of the screw, it is better to use (D-2H) instead of D in equation 2.19. 
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Fig. 2.9 Dimensions of a screw 
 
The solution of equation 2.18 is: 
 

 ( ) ( ) ( ) ( ) ( )0
0

2
1

z
zzt

z vy
H

Hvv
Hyy

dz
dP

yv +
−

−−=
η

 (2.20) 

 
From equation 2.20, the throughput in the down-chamber direction can be derived. It equals: 
 

 
( ) ( ){ }

dz
dPWHWHvHvQ tzz

z η122
0 3

−
+

=  (2.21) 

 

The pressure difference dP
dz

t  can be expressed as function of the relative throughput by using 

equation 2.21: 
 

 ( ) ( ){ } ( )[ ]crzz
t NVWHvHv

WHdz
dP αη −−+= 1206

3  (2.22) 

 
By combining equation 2.20 and 2.22, the velocity in the z-direction versus the height can be 
derived: 
 

 ( ) ( ) ( ) ( ) ( ) ( ) ( ) ( )001203 32 z
zzcrzz

z vy
H

HvvHyy
WH

NV
H

vHvyv +
−

−−






 −

−
+

=
α

 (2.23) 

 
Figure 2.10 shows the velocity profiles in the chamber for several values of the relative 
throughput. The number at the curves gives the value for relative throughput αr. In the 
reactive extrusion experiments described in this thesis, αr  is always smaller than 0.1.  
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Fig. 2.10 The relative velocity 
( )
( )Hv

v

z

z ξ
versus the relative height ξ = y

H
. The numbers next to 

the curves refer to the various αr for which the velocity profile is calculated 
 
In a similar way, the velocity profile in the cross-chamber direction can be calculated. For a 
shallow chamber, the momentum equation can be written as: 
 

 1 2

2η
dP
dx

d v
dy

x x=  (2.24) 

 
with the boundary conditions: 
 

 
( )
( ) φcos

00
NSHv

v

x

x

=
=

 (2.25) 

 
When it is assumed that the leakage flow through the flight gap is negligible, which means 
that the net flow is zero, the velocity profile is given by: 
 

 ( ) ( ) ( )Hv
H

Hyyyv xx 2

23 −=  (2.26) 

 
This profile only depends on the height in the chamber (figure 2.11).  
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Fig. 2.11 The relative velocity 
( )
( )Hv

v

x

x ξ
versus the relative height ξ = y

H
 

 
 
2.2.7 Pressure differences inside the chamber 
Due to the rotation of the screw, pressure differences arise both in the axial and in the 
tangential direction of the chamber. This pressure gradient in tangential direction may be 
positive or negative, depending on the amount of leakage flows through the chamber. The 
pressure gradient, which is given by equation 2.22, equals the pressure difference over one 
chamber divided by the length of the chamber. To calculate the pressure difference inside 
the chamber, the length of the chamber has to be determined. This length is given by: 
 

 
( )

φ
απ

cos
2 R

L s−
=  (2.27) 

 
 
By combining equations 2.22 and 2.27, the pressure difference inside one single chamber 
equals: 
 

 
( ) ( ) ( ) ( ){ }[ ]WHvHvNV
WH

RP zzcr
s

t 012
cos

26
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−

=∆ α
φ

ηαπ  (2.28) 

 
 
The pressure difference ∆Pt in equation 2.28 is negative when the pressure gradient is 
positive in down-chamber direction. This situation is obtained at high relative values of the 
throughput. At a low throughput, the pressure gradient is positive in the channel direction. 
This means that the flows in the chamber due to drag flow and pressure flow are in the same 
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direction, namely in the down-chamber direction. Figure 2.12 shows the effect of the 
throughput on the pressure gradient schematically. 
 

 
 
Fig. 2.12 The pressure gradient inside the chambers in the case of a high (a) and a low  
  throughput (b) 
 
The importance of the down-chamber pressure difference is plotted in figure 2.13, in which 
the pressure ratio is defined as: 
 

 
tc

t

PP
P

∆+∆
∆

=Π
2

 (2.29) 

 
The interchamber pressure difference is multiplied by 2, because of the definition of ∆Pc 
(see nomenclature). Figure 2.13 also shows that at low values of the throughput, the 
tangential pressure gradient is in the same direction as the interchamber pressure difference, 
while at high values of the throughput this gradient is in the opposite direction. No 
interchamber pressure difference exists for a relative throughput αr of 0.32. 
 

 
    
Fig. 2.13 The pressure ratio Π versus the relative throughput 
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The existence of the tangential pressure difference implies that at a low throughput, the 
number of fully filled chambers, as calculated by equation 2.14, is (slightly) underestimated. 
At a high throughput, the number of fully filled chambers can be far more than the number 
of chambers as predicted by equation 2.14. The maximum throughput of the extruder is 
obtained when: 
 
 tc PP ∆−=∆2  (2.30) 
 
which implies that the pressure built up by the extruder is zero. For the extruder used, this 
situation is obtained for a relative throughput αr of 0.63. 
 
 
2.3 Residence time and residence time distribution 
 
In this section, residence time distribution (RTD) measurements are performed in order to 
determine the mean residence time in the extruder quantitatively. This mean residence time 
is used for calculating the average degree of fill.  
A method to obtain the RTD is to inject a tracer pulse into the system and measure the 
output tracer concentration as a function of time (Danckwerts 1953). For ease of 
comparison, the output concentration curves are usually normalised. The function that 
describes the RTD is the exit age function E(t), which is defined as: 
 

 
∫

∞=

0
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)()(
dttC

tCtE  (2.31) 

 
The mean residence time τ is given by:  
 

 ∫
∞

=
0

)( dttEtτ  (2.32) 

 
The spread in residence time is characterised by the standard deviation σt or the variance σt

2: 
 

 ∫
∞

−=
0

22 )()( dttEtt τσ  (2.33) 

 
The reduced standard deviation σθ can be obtained by: 
 

 σ σ
τθ = t

2

2  (2.34) 
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2.3.1 Experimental 
The extruder used for the RTD-experiments was a Rollepaal extruder. It is a counterrotating 
twin screw extruder, which is extensively described in section 4.2. The screw geometry and 
some other extruder data are listed in table 2.6 (see appendix at the end of this chapter). To 
the extruder, one of the dies listed in table 2.2 is attached. The dies used in this chapter are 
linear tubes, which means that their resistances can be calculated by using the Hagen-
Poiseuille-equation, in which Ldie and Rdie are respectively the length and the inner radius of 
the tube: 
 

 K L
R

die

die

− =1
4

8
π

 

 
Table 2.2 The dies used for RTD measurements. A higher die number means a larger die  
  resistance 
 

die  reciprocal die resistance K 
(10-11 m3) 

die volume 
(10-6 m3) 

I 61.9 37.3 
II 4.60 31.5 
III 1.52 31.1 

 
In the other chapters, a die with a variable resistance is used. For this die, the resistance was 
determined experimentally.  
 
 
2.3.2 Materials 
The residence time distribution was studied by using glycerine at room temperature. 
Glycerine is a Newtonian fluid, with a viscosity of 0.9 Pa s. The tracer used was a solution 
of 2.62 mmol/l Congo Red (from Merck) in glycerine. When the extrusion process had 
reached steady state, 5 ml of the tracer solution was injected in the extruder at the feed end. 
Every 10 to 15 seconds, samples were taken at the die end in disposable cuvettes (Griener 
Labortechnik Kuvetten Makro), until a few minutes after all colour had disappeared in the 
extrudate. The absorption of the samples was measured at a wavelength of 511.5 nm using a 
Philips PU 8730 UV/VIS scanning spectrophotometer. 
 
 
2.3.3 The RTD-measurements 
The residence time distribution in extruders has been studied quite often. For the 
distribution, many models have been introduced. An overview is given by Bounie (1988). 
However, most studies estimate the hold-up experimentally, because the die resistance is not 
determined in those studies. This section describes the hold-up, and evaluates the usefulness 
of equation 2.14 in predicting the number of fully filled chambers. Moreover, the RTD-
measurements are used for estimating the function f(α) in equation 2.11. Furthermore, the 
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influences of the throughput, screw speed, die resistance and relative throughput are 
investigated.  
Glycerine is not very viscous when compared to polymer melts. However, since it behaves 
as a Newtonian liquid, glycerine is very suitable for theoretical considerations. 
Dimensionless numbers indicate whether or not the results are representative for highly 
viscous liquids. First of all, the Reynolds number determines the flow regime. For extruders, 
the number is defined as: 
 

 
η

ρ 2

forces viscous
forces inertiaRe ND==  (2.35) 

 
In the experiments described in this section, the Re-number lies between 0.4 and 1.9, which 
means that the flow is laminar, and in most cases there is creeping flow, just as by materials 
with a high viscosity.  
The second dimensionless number is the Dean-number that gives the ratio of centrifugal 
forces and viscous forces 
 

 
D
HReDe ==

fources viscous
forces lcentrifuga  (2.36) 

 
Its value lies between 0.14 and 0.70 in all experiments. This means that centrifugal forces 
can be neglected in these experiments. 
The Jeffrey's number describes the influence of the gravity forces on the experiment. For 
extruders, it is defined as (Todd 1975): 
 

 
N
gDJe

η
ρ==

forces viscous
forcesgravity  (2.37) 

 
For all experiments, the value for Jeffrey lies between 660 to 3300. The meaning of the 
value is discussed in section 2.3.5. 
 
 
2.3.4 Results: the influence of throughput and screw rotation rate 
The results of the RTD-measurements are described in this section. The influence of 
throughput and screw speed are measured and compared to theory.  
When the throughput is increased, the die pressure increases. This results in a longer fully 
filled zone. The increase in fully filled length is even more enhanced by the fact that the 
interchamber pressure difference decreases at increasing throughput. Apart from the length 
of the fully filled zone, the degree of fill in the partially filled zone will increase. This means 
that the average hold-up in the extruder will increase. Figure 2.14 shows the influence of the 
throughput on the mean residence time. Since the residence time decreases less than the 
throughput increases, it can be concluded that the average hold-up is increased. Therefore, 
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our results correspond well to the theory and are contrary to the results obtained by 
Rauwendaal (1981), who found a constant hold-up for various values of the throughput. The 
reason for the constant hold-up, as measured by Rauwendaal, is not clear yet.  
 

 
    
Fig. 2.14 The influence of the throughput on the mean residence time (die II) 
 

 
    
Fig. 2.15 The influence of the screw rotation rate on the mean residence time (die II) 
 
Figure 2.15 shows the effect of the screw rotation rate on the residence time. A higher screw 
speed reduces the number of fully filled chambers and the degree of fill. These two effects 
account for the decrease in residence time.  
Figure 2.16 shows the effect of the throughput on the mean residence time, while the relative 
throughput (i.e. throughput divided by screw speed) remains constant. A higher throughput 
results in a decrease in residence time, but the mean residence time is not inversely 
proportional with the throughput. This result was not expected, because both the degree of 
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fill and the number of fully filled chambers should remain constant when the relative 
throughput is kept constant. Since calculations show that the number of fully filled chambers 
is more or less constant, it can be concluded that the degree of fill increases with increasing 
throughput and screw speed. It is probable that this increase in hold-up is due to the 
relatively low viscosity of glycerine. This effect will be explained in section 2.3.5, in which 
theory and experiments concerning the average hold-up in the extruder will be compared, 
after having studied the partially filled zone in the next section.  
 

 
    
Fig. 2.16 The influence of the throughput at constant relative throughput. A value of 20 on 
 the x-axis means a throughput of 20 g/min at a screw speed of 20 rpm etc. 
 
2.3.5 The partially filled zone 
To determine the degree of fill in the partially filled zone, die I was applied. The resistance 
of this die was chosen in such a way that according to equation 2.14 less than 1 chamber was 
fully filled. The results of the experiments are shown in table 2.3.  
 
Table 2.3 The degree of fill in the partially filled zone 
 

Q (g/min) N (rpm) τ (s) νf (-) αr (-) α (-) 
29 30 213 0.2 0.07 0.25 
30 50 176 0.1 0.04 0.24 
49 50 144 0.2 0.07 0.29 
62 30 135 0.6 0.14 0.33 
98 30 114 1.0 0.23 0.45 

 
Table 2.3 shows that the degree of fill α in the partially filled zone is significantly larger 
than the relative throughput αr. This implies that a certain amount of leakage flow occurs in 
the partially filled zone.  
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Fig. 2.17 The calculated degree of fill versus the experimental value for f(α) = 0 (♦),  
  f(α) = 1 (▲) and f(α) = α (■) 
 
As already described in section 2.2.3, several predictions are made for the degree of fill in 
the partially filled zone by assuming a certain function f(α). Figure 2.17 shows the results of 
these theories. None of the theories predicts the degree of fill correctly, but it can be seen 
that for a good prediction of the degree of fill, one should choose a value for f(α) between α 
and 1. A value of 0.7 predicts the degree of fill for these experiments quite well (figure 
2.18). However, for the throughput of 98 g/min, the degree of fill is even higher, which 
indicates that almost all non-pressure driven leakage flows should be taken into account. 
 

 
    
Fig. 2.18 The calculated degree of fill versus the experimental value for f(α) = 0.7 
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As already stated in section 2.3.4, the low viscosity of glycerine results in an 
underestimation of the degree of fill. This can be explained by the fact that at low screw 
speed, gravity force plays an important role in the extrusion process. Leakage flow occurs 
mainly in the calander gap in the partially filled zone (table 2.1). In the extruder used, this 
gap is 2 cm above the bottom side of the barrelhouse. As a result of this, two competing 
effects influence the amount of leakage flow. The gravity force holds material onto the 
bottom of the barrel house, while viscous forces lift the material towards the calander gap. 
This means that the gravity force results in a decrease in amount of leakage flow, since it 
prevents material to enter the calander gap. When the screw speed is increased, the influence 
of the gravity diminishes (as indicated by a lower Je-number) which results in a larger 
leakage flow. 
The effect of the screw speed on the average degree of fill is indicated in figure 2.19. As 
expected, the degree of fill increases when the screw speed is increased. Furthermore, it can 
be seen that the increase in hold-up levels off at higher screw speed, suggesting an 
asymptotic value for the degree of fill. Curve fits show that the value of the asymptote lies 
between 34 and 40. The horizontal line in the figure indicates the value for the hold-up when 
f(α) = 1, which means that all non pressure driven leakage flows are taken into account. This 
line therefore refers to the highest possible value for the hold-up. It seems that this value is 
indeed the asymptotic value for the experiments. This implies that when gravity forces can 
be neglected, the total leakage flow AN should be taken into account in the partially filled 
zone. If the extrapolation is correct, the influence of the gravity is negligible at a screw 
speed of 200 rpm or higher. This means that the gravity force can be neglected when: 
 
 Je <150 (2.38) 
 

 
    
Fig. 2.19 The effect of the screw speed on the overall hold-up at constant relative  
  throughput, die I, die II with 4 fully filled chambers. 
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The experiments described in this section show that the amount of leakage flow that occurs 
in the partially filled zone is quite large. By trial and error it was found that a good 
prediction of the degree of fill can be obtained by using f(α) = 0.7. However, industrial 
extruders have a higher throughput and more viscous materials (this means a lower Je-
number). In those situations, the total leakage flow AN should be taken into account for a 
good prediction of the degree of fill in the partially filled zone. 
 
2.3.6 The number of fully filled chambers 
The number of fully filled chambers can be predicted theoretically by using equation 2.14. 
By applying dies with different resistances, the number of fully filled chambers can be 
determined experimentally. Figure 2.20 shows the principle of the measurements. According 
to equation 2.14, the number of fully filled chambers is less than 1 when die I is used. When 
die II or III is applied, a certain number of chamber is completely filled. The number of fully 
filled chambers can be calculated by comparing the mean residence time obtained by die I 
and the mean residence time of the experiments with die II or III. The degree of fill in the 
partially filled zone is determined in section 2.3.5, and is assumed to be independent of the 
number of fully filled chambers.  
 

 
 
Fig. 2.20 An extruder with and without fully filled chambers 
 
Figure 2.21 shows the results of the experiments. The number of fully filled chambers, 
which is predicted by equation 2.14 is less than the number of chambers determined 
experimentally. When the calculated number of chambers is increased with 30%, the 
experimental and calculated values correspond rather well (figure 2.22).  
The reason for the effect as shown in figure 2.21 is not completely clear yet. The 
discrepancy between theory and experiment gets even worse by taking into account the 
pressure difference (∆Pt) inside the chamber. As illustrated in figure 2.13, the pressure 
gradient is in the same direction as the interchamber pressure difference at a low throughput, 
which means that the number of fully filled chambers is overestimated by equation 2.14. 
Also the viscosity of glycerine does not seem to cause the differences between the calculated 
and experimental values.  
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Fig. 2.21 Parity plot of the number of fully filled chambers  
 

 
    
Fig. 2.22 As figure 2.21, but the calculated number of chambers is increased with 30% 
 
2.3.7 Reproducibility and sensitivity analysis 
In order to decide whether the differences between the number of fully filled chambers, 
which are calculated and which are experimentally determined are significant or not, 
additional study was performed. 
For the reliability of the RTD-measurements, two tests were performed. First of all, some 
experiments were performed twice (table 2.5, exp.: 5&6, 10&11, 21&22). The difference in 
mean residence time in experiments 5&6 and 21&22 was negligible, while in experiments 
10&11 a difference of less than 4% was obtained. In other words, the reproducibility seems 
sufficient. The second test was to check if all the tracer that was added to the extruder could 
be detected in the output of the extruder. The results of this test are shown in the last column 
of table 2.5 (see appendix at the end of this chapter). In the experiments tested, the total 
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amount of tracer found in the outlet of the extruder was almost identical to the amount of 
tracer injected in the feed zone. The two tests indicate that the RTD-measurements are quite 
reliable. 
Another aspect, which can be important for the prediction of the fully filled length, is the 
geometry of the screw. Wear, for example, can influence the geometrical constants. 
Therefore, the major screw parameters were changed theoretically in order to determine their 
influence on the number of fully filled chambers and chamber volumes. The results are 
shown in table 2.4. This table demonstrates that the influence of the value of the screw 
parameters is very large, especially on the pump capacity of the extruder. For 
counterrotating, closely intermeshing twin screw extruders as used in this study, the 
influence of wear is very pronounced. However, we think that the effect described in table 
2.4 is not sufficient for explaining the discrepancies in the number of fully filled chambers, 
since the measurement of the dimensions of the screws was very accurate.  
 
Table 2.4 Influence of several screw parameters on the number of fully filled chambers and 
  chamber volume 
 

R (cm) Vc (ml) νf (-)  S (cm) Vc (ml) νf (-) 
1.950 8.52 27.7  2.30 6.84 4.7 
1.980 7.72 10.9  2.38 7.31 7.2 
1.990 7.44 8.2  2.40 7.42 7.9 
1.995 7.31 7.2  2.45 7.72 9.9 
2.000 7.17 6.3  2.50 8.01 12.2 

 
 
2.4 Evaluation of the existing extruder models 
 
The distribution in residence time of the counterrotating twin screw extruder has been 
studied several times. In principle, two ways of modelling the RTD exist. One method is to 
describe the overall RTD (Bounie 1988, Jager 1992, Potente 1989); another method is to 
describe the RTD of one chamber, after which the RTD of the extruder is calculated (Janssen 
1979, Chen 1993, Chen 1995).  
Jager (1992) presented a reactor model, which could be used for corotating, as well as 
counterrotating twin screw extruders. An interesting aspect of that model was, that not all 
the liquid that passed a leakage gap flows through the entire chamber, as in most other 
extruder models (e.g. figure 2.6). Potente (1989) presented a distribution function that 
predicts the residence time distribution of a specific counterrotating twin screw extruder. 
The distribution function, which consisted of a four parameter fit, turned out to be only 
dependent on the minimum residence time and the mean residence time. Unfortunately, 
Potente did not generalise the results. However, the studies by Jager, Bounie and Potente 
show that the residence time distribution of a counterrotating extruder can be readily fit by 
several reactor models.  
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More interesting are the predictive models as described by Janssen (1979) and Chen (1993, 
1995). These models assume a residence time distribution function for the C-shaped 
chambers, after which the residence time distribution function of the extruder is calculated. 
Janssen (1979) assumed the chamber to be ideal mixed and obtained a very good agreement 
in the case of melting polypropene in a extruder with double thread starts screws. However, 
Speur (1988) showed that at lower values of the throughput (αr < 0.25), the model of ideally 
mixing shows severe discrepancies with the experiments. Since in reactive extrusion the 
throughput is always relatively low, the model by Janssen is not very useful for describing 
the extruder as a polymerisation reactor. Such a model, as described by Ganzeveld (1993), 
showed therefore major discrepancies between model simulations and experimental results.  
 

 
    
Fig. 2.23 The distribution in residence times of material that leaves a C-shaped chamber. 
  The number at the curves gives the value for αr 
 
Chen (1993, 1995) used the theory of Pinto and Tadmor (1970), which was developed for 
single screw extruders, to describe the distribution in residences time in a C-shaped 
chamber. If the theory of Pinto (1970) is applied to one chamber, a residence time 
distribution as shown in figure 2.23 is obtained. When this model is compared to the model 
of Janssen (1979), this model of Chen has the advantage that it takes a certain breakthrough 
time into account, which will be present in practice. The model of Chen showed a small 
variance in residence time distribution for a C-shaped chamber, but this variance increases 
with the throughput (figure 2.23). With this theory, Chen obtained excellent results for an 
intermeshing (Chen 1993) as well as a non-intermeshing (Chen 1995) counterrotating twin 
screw extruder. These excellent results are remarkable since the authors made mistakes in 
developing the residence time distribution function (equation 11 and 12, Chen 1993) for the 
C-shaped chamber. Therefore, we were not able to reproduce their results. Besides, the 
theory of Pinto (1970) is a rather crude approximation for the flow profile in the chamber, 
because the height of the chamber is not negligible in comparison to the width, which is a 
very important assumption in the theory of Pinto. This assumption will be valid for most 
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single screw extruders, but not for closely intermeshing twin screw extruders, which mostly 
possess deep channels. Besides, in a chamber of twin screw extruders, the pressure flow is in 
the same direction as the drag flow for lower values of the throughput, while in single screw 
extruders, these flows are in the opposite direction. Pinto (1970) did not validate his theory 
for drag and pressure flows in the same directions, which makes the theory not very reliable 
for this situation. Therefore, studies that use the theory of Pinto for twin screw extruders 
(e.g. Speur 1988) should be interpreted with some suspicion. 
However, the method to predict a RTD of the extruder by using the RTD of one C-shaped 
chamber seems promising. The RTD of one C-shaped chamber can be calculated by using 
three-dimensional flow simulations, as shown by Li (1993). For a non-intermeshing 
counterrotating twin screw extruder, the flow pattern was simulated by Fukuoka (1994) and 
Chu (1994a). Chu (1994a) used the three-dimensional flow simulation for calculating a RTD 
of the extruder. In another study, Chu (1994b) showed the possibilities of using the same 
method for simulating the extruder as a polymerisation reactor. Although the method seems 
promising, Chu did not compare the values obtained by simulation to experimental results.  
Another aspect in modelling the RTD of a counterrotating twin screw extruder is the 
question whether a leakage flow passes a chamber completely or not. Especially the flow 
through the tetrahedron gap can pass a chamber without flowing through it (Janssen 1978). 
Therefore, the model as shown in figure 2.6 has probably to be extended, similar to the 
model of Jager (1992).  
 
 
2.5 Conclusions 
 
Although the counterrotating twin screw extruder has been studied quite often, a predictive 
model for the residence time distribution for this type of extruder is not available yet. A 
model for the RTD first of all needs a prediction of the mean residence time. This mean 
residence time can be calculated by determining the degree of fill in the partially filled zone 
and the number of fully filled chambers. To calculate the number of chambers, the die 
resistance should be determined quantitatively.  
In order to validate the theory, residence time measurements were performed by using 
glycerine. The experiments showed that the number of fully filled chambers were slightly 
underestimated by the traditional theory (about 30%), while a good prediction of the degree 
of fill in the partially filled zone was obtained by taking 70% of non-pressure driven leakage 
flows into account. For industrial extrusion processes, the total non-pressure driven leakage 
flows should be taken into account.  
For the description of the RTD of an extruder, the theory outlined by Chen (1993) seems 
very promising. However, for a good estimation of the RTD of the C-shaped chamber, 3D 
flow simulations in combination with particle tracking should be used.  
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Table 2.5 Experimental results 
 

Exp. no.  die  Q (g/min) N (rpm) τ (s) σ(θ) (-) % tracer 
1 II 9.3 10 498 0.52  
2 II 11.3 30 420 0.48  
3 II 17.0 30 348 0.53  
4 II 20.0 20 346 0.45  
5 II 29.9 10 444 0.24  
6 II 29.9 10 443 0.33  
7 II 29.2 15 335 0.45  
8 II 30.0 20 296 0.47  
9 I 29.3 30 213 0.47 98 
10 II 29.2 30 263 0.43 98 
11 II 29.3 30 273 0.40  
12 III 29.6 30 370 0.38 98 
13 II 29.7 40 249 0.51  
14 I 29.5 50 176 0.56 101 
15 II 29.7 50 226 0.50  
16 II 39.8 40 212 0.41  
17 II 44.6 30 231 0.35  
18 I 48.9 50 144 0.51 96 
19 II 50.4 50 176 0.49  
20 I 61.7 30 135 0.49  
21 II 60.0 30 200 0.34 97 
22 II 60.9 30 203 0.34  
23 III 60.0 30 326 0.46 108 
24 I 98.0 30 114 0.40  
25 II 99.7 30 169 0.37  
26 III 98 30 263 0.12 98 

 
 
Nomenclature 
 
A geometrical constant for the non pressure driven leakage flows m3 

Ac geometrical constant for the calander gap m3 

Af geometrical constant for the flight gap m3 
As geometrical constant for the side gap m3 
At geometrical constant for the tetrahedron gap m3 
bs barrel width m 
B geometrical constant for the pressure driven leakage flows m3 

Bc geometrical constant for the calander gap m3 

Bf geometrical constant for the flight gap m3 
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Bfl width of the screw flight m 
Bs geometrical constant for the side gap m3 
Bt geometrical constant for the tetrahedron gap m3 
C(t) concentration mol/l 
D diameter of the screw m3 
De Dean-number - 
E(t) exit age function s-1 
f(α) function that indicates the fraction of non-pressure driven leakage flows - 
g gravity force constant m/s2 

hc centre line m 
H height of the screw flight m 
Je Jeffrey number - 
K reciprocal die resistance m3 
L length of (a part of) the screw m 
Ldir length of the die m 
m number of thread starts - 
N screw rotation rate s-1 
P pressure Pa 
Pc pressure inside the chamber, see also ∆Pc Pa 
Pdie die pressure Pa 
Pt see ∆Pt Pa 
Px see ∆Px Pa 
Q throughput m3/s 
Qc leakage flow through the calander gap m3/s 
Qf leakage flow through the flight gap m3/s 
Ql total leakage flow m3/s 
Ql, pfz leakage flow in the partially filled zone m3/s 
Qs leakage flow through the side gap m3/s 
Qt leakage flow through the tetrahedron gap m3/s 
Qth theoretical throughput m3/s 
Qz throughput through the chamber m3/s 
R radius of the screw m 
Rdir inner radius of the die m 
Re Reynolds number - 
S pitch of the screw m 
t time s 
vx velocity in x-direction m/s 
vy velocity in y-direction m/s 
vz velocity in z-direction m/s 
V volume m3 

Vb volume of (half) the barrel house  m3 
Vc volume of a C-shaped chamber m3 
Vdie volume of the die m3 
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Vr volume of the root of the screw m3 
Vf volume of the screw flight m3 
X constant 
x, y,  
z coordinates - 
α degree of fill - 
αr relative throughput - 
αs overlap angle of the screws rad 
δ flight gap width m 
 ∆Pc pressure difference of two adjacent chambers (this means chambers 
 on opposite screws. The pressure difference of two chambers on the 
 same screw is 2∆Pc) Pa 
∆Pt tangential pressure difference inside a chamber Pa 
∆Px pressure difference in cross-chamber direction Pa 
ε side gap width m 
φ pitch angle rad 
η viscosity Pa s 
Π pressure ratio - 
ρ density kg/m3 
σ calander gap width m 
σt standard deviation  s 
σθ reduced standard deviation 
τ mean residence time s 
νf number of fully filled chambers - 
νtot total number of chambers after injection point - 
ψ flight angle rad 
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Appendix: The geometry of the extruder and its leakage flows 
 
The extruder and its screws have the dimensions as indicated in the table below. The screws 
used are uniform, except in the feed zone in which among others the pitch is larger 
(S = 30 mm). In calculations, this effect is neglected, which is allowed since the extruder is 
only partially filled in that zone and not completely used.  
 
Table 2.6 Geometry of the screws 
 

Description symbol value 
screw radius R 1.995 10-2 m 
pitch S 2.38 10-2 m 
number of thread starts m 1 
centre line distance hc 3.50 10-2 m 
flight wall angle ψ 0.122 rad 
outer side width flight (y=H) Bfl 1.02 10-2 m 
chamber width (y=H) W 1.31 10-2 m 
chamber depth H 0.0057 m 
flight gap δ 5 10-5m 
barrel width bs 7.50 10-2 m 
screw length L 0.600 m 
calander gap σ 8.0 10-4 m 
side gap ε 1.0 10-3 m 
overlap angle αs 1.002 rad 
number of chambers after 
injection point 

νtot 44 

 
 



The counterrotating twin screw extruder 

37 

The leakage flows can be calculated by means of the equations given in this section. The 
leakage flows consist of non-pressure driven leakage flows and pressure driven leakage 
flows. The general form is: 

 Q AN B P
l

c= + ∆
η

 (2.7) 

The geometrical constants can be calculated through: 
 ( )fcs AmAmAA ++= 2  (2.39) 
and: 
 ( )fcst BmBmBBB +++= 2  (2.40) 
 
The various geometrical constants are given below. 
 
 
Tetrahedron gap: 
 
 At = 0 (2.41) 
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Calander gap: 
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Side gap: 
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7 
Chapter 3 

 
Polystyrene and Styrene-copolymers 
Applications, Synthesis and Kinetics 

 
 
Styrene is the main component of all reactions in this thesis. This monomer is chosen as it is 
versatile and well-known. Styrene is polymerised in the extruder by means of a radical 
mechanism. In most experiments, one or two comonomers are added to styrene yielding co- 
and terpolymers. This chapter gives an overview of the applications of polystyrene and 
styrene copolymers. Furthermore, the polymerisation rates of styrene and styrene-n-
butylmethacrylate are evaluated theoretically and experimentally.  
 
 
3.1 Applications 
 
3.1.1 Styrene and polystyrene 
Polystyrene is one of the most important polymers of today. Its popularity stems from the 
fact that it possesses many good properties, such as good processability, rigidity, 
transparency, low water absorbability, and that it can be produced at low costs. However, 
polystyrene has some disadvantages, such as sensitivity to chemicals and food materials with 
high oil content, poor UV-resistance and brittleness, which limit its applications. Polystyrene 
is mainly used in the packaging industry (Ku 1988a, b). 
The monomer styrene is a very versatile monomer. It can be polymerised by various 
mechanism such as free radical-, cationic-, anionic-, and group transfer polymerisation. 
Moreover, styrene has the capability to create radicals, which makes thermal polymerisation 
possible. Styrene can also be used in all types of production processes for polymerisation. 
The most common methods are emulsion-, suspension-, bulk- and solution polymerisation. 
The type of process determines the properties of the polymer produced. The most 
economical process for the production of polystyrene is a bulk-continuous process, in which 
around 10 - 20% ethylbenzene is added as a diluent to ease the flow. For expandable 
polystyrene, a suspension process is used. 
In order to adjust properties, comonomers, chain transfer agents or crosslink agents are 
added to styrene before it is polymerised. Chain transfer agents are used to regulate the 
molecular weight, but are rarely used in bulk processes. T-Dodecyl mercaptane is often used 
as chain transfer agent. To crosslink the styrene polymer, divinylbenzene works very well, 
although other crosslink agents can also be used. Highly crosslinked polymers can only be 
produced batch-wise in bulk.  
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3.1.2. Blends of polystyrene 
Since styrene is a cheap and versatile monomer, many copolymers and blends are produced 
with styrene as important component. In this section, some blends of polystyrene will be 
mentioned. 
To improve the impact strength, polybutadiene is generally added to polystyrene, in the 
amount of 5 to 10 % (La Coste 1996). This reinforced polystyrene is known as high impact 
polystyrene (HIPS). The rubber component can be divided into two categories: homo-
polybutadiene and polybutadiene-styrene copolymers. Sometimes, saturated elastomers are 
used for reinforcement instead of polybutadiene. Polybutadiene can be blended physically to 
polystyrene, but more often it is added to styrene resulting in some grafting during 
processing. HIPS is applied for instance in packaging, television- and computer housings, 
and piping and tubing. SBR (styrene 23 %-butadiene-rubber) is a well-known rubber, which 
is mainly applied in automobile tyres (Ku 1988b). By changing the butadiene content in the 
polymer, the properties can be changed from a rubber to a rigid polymer. Block copolymers 
of styrene and butadiene are synthesised by anionic polymerisation and therefore quite 
expensive. 
In order to improve the thermal properties of polystyrene, poly-2,6-dimethyl-1,4-phenylene 
oxide (PPE) is added to the polymer. PPE is a polymer with a glass transition temperature of 
220 °C and this polymer is miscible with polystyrene. The addition of PPE to PS results in a 
polymer blend with a higher glass transition temperature than PS (Yee 1977).  
 
3.1.3 Co- and terpolymers of styrene 
The addition of another monomer to styrene is a second method to adjust the properties of 
the polymer. The most common copolymers of styrene are described in this section. 
A very interesting polymer is obtained after the copolymerisation of styrene with maleic 
anhydride. The polymer finds applications in waxes and emulsifiers when it concerns a low 
molecular weight polymer, while the high molecular weight materials are used as 
engineering plastics, which are mostly rubber modified. The styrene-maleic anhydride 
copolymers are not only interesting from an industrial point of view, but also from a 
scientific point of view due to the fact that, after polymerisation, an almost perfectly 
alternating copolymer is obtained (Dodgson 1976, Ebdon 1986, Klumperman 1993, 1994). 
Another copolymer that is often investigated is the styrene-methylmethacrylate copolymer. 
This polymer has a high transparency, an excellent UV-resistance and it is very suitable for 
injection moulding. The copolymer is applied in for example lamps, glazing and windows, 
but due to the high price, the market is limited. The polymer is produced in suspension or in 
bulk. On laboratory scale, a Lewis acid such as ethyl-aluminium sesquichloride or 
zinkchloride is added in order to increase the polymerisation rate and the alternating 
regulation of the polymer formed (Bailey 1972).  
Resins of the copolymer styrene-acrylonitril (SAN) are used in applications such as 
automobile instrument lenses and as an additive to higher cost resins. Besides, the resins are 
used to modify and improve flow characteristics of ABS, PVC and other resins. Generally, a 
SAN-copolymer consists of 25 to 30% acrylonitril.  
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The most well-known terpolymer of styrene is the acrylonitril-butadiene-styrene terpolymer 
(ABS), which is used in applications such as pipes and fittings. The polymer is produced by 
dissolving polybutadiene into a monomer mixture of styrene and acrylonitril, which 
polymerises in an emulsion process. The terpolymer therefore consists of a polybutadiene 
backbone onto which styrene-acrylonitril copolymers are grafted.  
In addition to commercial polymers, many co- and terpolymers of styrene are described in 
scientific literature. Examples of comonomers are acrylic acid, several acrylates and 
maleates. Terpolymers described in literature are styrene-methylmethacrylate-maleic 
anhydride and styrene-methylmethacrylate-maleic imide (Schmidt-Naake 1989). 
 
3.1.4 The copolymerisation in this thesis 
The copolymerisation described in this thesis is the copolymerisation of styrene (St) with n-
butylmethacrylate (BMA). The latter component, which is extensively studied by Ganzeveld 
(1993), increases the rate of polymerisation, and it is chosen for reasons of safety and price. 
The product of this polymerisation is applied in speciality areas, such as the manufacture of 
recording tapes and toners for photocopiers. In this study, the St-BMA copolymerisation is 
the starting point of all experiments described. Changes of polymer melt viscosity or 
polymerisation rate are related to the St-BMA experiments described in chapter 4. When St 
and BMA are mixed in the molar ratio 1:1, the polymer formed is transparent and has a glass 
transition temperature of about 30°C. Figure 3.1 shows the two monomers. 
 

  
 
Fig. 3.1 Styrene (a) and n-butylmethacrylate (b) 
 
 
3.2 The polymerisation kinetics 
 
3.2.1 The homopolymerisation 
The polymerisations of styrene described in this thesis are free radical addition 
polymerisations. This means that after initiation, a polymer chain grows in a rather short 
time. The termination reaction excludes the polymer chain from further reaction.
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Under the normal assumption that the propagation rate is independent of the polymer chain 
length, the kinetic scheme for polymerisation is: 
 
decomposition initiator ⋅→ RI dk 2  
 
initiation monomer ⋅→+⋅ 1MMR ik  
 
propagation ⋅→+⋅ +1i

k
i MMM p  

 
termination ji

k
ji PMM tc

+→⋅+⋅  (by combination) 

  ji
k

ji PPMM td +→⋅+⋅  (by disproportionation) 
 
where kd, ki, kp, ktc and ktd are the corresponding rate constants in every reaction step. 
When it is assumed that the radical concentration is constant (the quasi steady state 
approximation) the rate of polymerisation is given by (Bamford 1976): 
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The molecular weight of the polymer formed may change during polymerisation. The 
molecular weight of the momentarily formed polymer is given by: 
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Equation 3.2 neglects the effect of chain transfer to the monomer and assumes a termination 
reaction by combination. Although equation 3.2 gives a good indication of the effect of the 
initiator concentration on the molecular weight of the momentarily formed polymer, it can 
not be used for predicting the molecular weight of the polymer formed after complete 
reaction. The reason is that the ratio of initiator concentration and monomer concentration 
may change during polymerisation.  
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When the polymerisation is finished, the number average molecular weight of the polymer 
can be calculated by means of: 
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Equation 3.3 also assumes a termination reaction by combination. This equation states that a 
doubling of the initiator concentration results in a halving of the number average molecular 
weight of the polymer, when the conversion is not influenced by the initiator concentration. 
However, since a higher initiator concentration generally results in a higher conversion, the 
influence of the initiator concentration on molecular weight is reduced.  
In bulk polymerisations, deviations from equation 3.1 occur when a certain degree of 
conversion is reached. These deviations are caused by a strong increase of the viscosity 
during polymerisation, as a result of which the polymer chain radicals can not diffuse easily 
through the viscous medium, leading to a decreased termination rate kt, since this rate is 
primarily diffusion controlled. The propagation rate kp is, except for very high conversions, 
independent of the viscosity of the polymer melt, since it is chemically controlled. As a 
result of these two effects, the overall polymerisation rate increases. This phenomenon is 
known as the Trommsdorff effect or gel effect (Trommsdorff 1948).  
 
3.2.2 The co- and terpolymerisation 
In the case of a copolymerisation of two monomers A and B, the propagation step consists of 
at least four different reactions: 
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where every reaction has its own propagation rate constant (k11, k12 etc.) 
When it is assumed that the radical concentrations are constant, the well-known 
copolymerisation equation can be derived from the mass balance over every component. 
This equation is: 
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in which r1 and r2 are the reactivity ratios that are defined as: 
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The ratio d[A]/d[B] signifies the ratio of incorporation of monomers A and B, which is not 
necessarily equal to the monomer feed ratio. Consequently, one of the monomers is 
consumed more rapidly than the other, and the composition of the monomer feed varies, 
which leads to a continuous shift of the composition of the copolymer formed. To describe 
the incorporation, a feed ratio and a incorporation ratio are defined as: 
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The incorporation ratio Fa can be calculated if the values of r1 and r2 are known. The values 
for r1 and r2 can be roughly estimated by using the Q- and e-values according to Alfrey and 
Price (Alfrey 1947, Brandrup 1989): 
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Q
Qr −−=  (3.8) 

 
These Q- and e-values are monomer properties. For styrene, the values are defined as 
QSt = 1.0 and eSt = -0.8, while the values for BMA are determined at QBMA = 0.82 and 
eBMA = 0.28 (Brandrup 1989). By using equation 3.8, the reactivity ratios can be calculated 
at r1 = 0.51 and r2 is 0.74 (styrene is monomer A). 
A more accurate method is the direct determination of the reactivity ratios. In literature, a 
number of studies is reported, which have studied the copolymerisation of St-BMA. The 
measurements in these studies show that r1 ranges from 0.56 to 0.74, while r2 lies between 
0.47 and 0.64 (styrene is monomer A). When these reactivity ratios are compared to the 
ratios obtained by the method of Alfrey and Price, it can be seen that the Q- and e-values 
give a rather good prediction for St-BMA. However, studies in literature are performed at 
low temperatures. Since the temperature in the extruder is higher, we determined the 
reactivity ratios experimentally (section 3.3.2).  
Besides the incorporation of the monomer in the polymer, the reactivity ratios can be used 
for describing the polymerisation rate. By using equation 3.5 and the propagation rate 
constants for the homopolymerisation, the average propagation rate constant for the 
copolymerisation is given by: 
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This model for the copolymerisation described by equation 3.9 is defined as the terminal 
model. The model needs four propagation steps to describe the rate of copolymerisation, 
implying that only the last unit in the growing chain determines the reactivity. However, it is 
known in literature (Fukuda 1987) that for a styrene-methylmethacrylate system the 
expression for the propagation rate as in equation 3.9 is not sufficient to give a good 
description of the rate of polymerisation. Not only the last unit, but also the one before the 
last unit influences the reactivity. This effect is known as the penultimate effect. For a 
description of the incorporation ratio of the monomers, the reactivity ratios seem to be 
sufficient. 
The theory for homo- and copolymerisation can be extended to the polymerisation in which 
three components react (Bamford 1976). In that case, the propagation rate consists of nine 
steps. For component A, the propagation is described by the following equations: 
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The ratio of the amount of A and B that react at a certain instant time is given by the 
following equation: 
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in which: 
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For the other components, similar equations can be derived. It should be noted that the 
quantity r12 means the binary reactivity ratios as obtained in the copolymerisations. In other 
words r12 is the same quantity as r1 used in equation 3.5. One more subscript is used to 
distinguish the several subsystems.  
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3.3 Experimental  
 
Up to now, most of the kinetics studies concerning the copolymerisation of St with n-BMA 
are performed at low temperatures. Since the temperature in the extruder ranges from 120 to 
160 °C, additional experiments were necessary to investigate the kinetics of the reaction and 
the reactivity ratios of the monomers. 
 
3.3.1 Thermal polymerisation of St-BMA 
Styrene is able to polymerise thermally. Through a Diels-Alder-adduct, styrene produces 
radicals that can create polymer chains (Hui 1972, Husain 1978). Figure 3.2 shows the 
reaction mechanism. 
 

 
Fig. 3.2 The formation of styrene radicals 
 
St-BMA-mixtures can also be polymerised thermally. The rate of thermal polymerisation at 
135 °C is shown in figure 3.3, and it is compared to the data for the thermal polymerisation 
of styrene at 140 °C, as measured by Hui (1972).  

 

 
   
Fig. 3.3 The thermal polymerisation of styrene (▲) and St-BMA (■) 
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It can be seen that the thermal polymerisation rate of St-BMA is comparable to the thermal 
polymerisation rate of styrene. After one hour, a conversion of around 25% was obtained. 
The polymer formed at this temperature possesses a weight average molecular weight of 360 
kg/mol, with a polydispersity P of somewhat less than 2. Pure BMA showed no thermal 
activity.  
 
 
3.3.2 The reactivity ratios of St-BMA 
The reactivity ratios were determined by performing a thermal polymerisation at 135 °C of 
several St-BMA mixtures, in which the mole fraction of styrene varied from 0.1 to 0.9. 
Except for the mixture with a styrene mole fraction of 0.1, all mixtures showed thermal 
polymerisation. When these mixtures had reached a conversion of 5 to 10%, the 
polymerisation was stopped by cooling the mixture rapidly. The polymer-monomer mixture 
was precipitated in methanol, after which the copolymer was carefully dried in a vacuum 
oven. The different copolymers were analysed by elemental analysis. The determination of 
the carbon and oxygen content in the copolymer gave the amount of styrene in the 
copolymer. The results are shown in figure 3.4.  
 

 
Fig. 3.4 Influence of the fraction styrene in the monomer feed on the fraction styrene in the 
 copolymer formed 
 
By using the method of Kelen-Tüdõs (Kelen 1975, 1980, Tüdõs 1976), the reactivity ratios 
were determined at r1 = 0.40 ± 0.03, and r2 = 0.86 ± 0.03 (styrene is monomer A). 
When St and BMA are mixed in equal molar ratio, some composition drift is likely to occur 
during polymerisation. However, in all bulkpolymerisations, a transparent polymer was 
obtained, indicating no severe phase separation.  
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3.3.3 The polymerisation kinetics of St-BMA 
The rate of copolymerisation of styrene with BMA was studied by using isothermal 
Differential Scanning Calorimetry (DSC). The conversion of the monomer was obtained by 
using the following expression: 
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By using equation 3.11, it was assumed that the maximum conversion was 100% and that 
the heat of polymerisation was linearly dependent on the conversion. Probably, these 
assumptions are not completely valid, but nevertheless the DSC-experiments are useful for 
comparing the rates of polymerisation of the different monomers and monomer mixtures. 
 
 
 

 
    
Fig. 3.5 The polymerisation of St-BMA at different temperatures 
 
The results of the DSC experiments with a St-BMA monomer mixture are shown in figure 
3.5. The amount of initiator added was about 5 mmol/mol monomer (table 3.1). The 
initiators used were Trigonox 29C50 (120 °C), Trigonox C (130 °C) and Trigonox 101 (140 
°C). As expected, a higher temperature resulted in a faster polymerisation. Figure 3.6 is 
derived from figure 3.5. The quantity kp/√kt, also indicated as kov, is a pseudo-first order 
polymerisation rate constant when it concerns a homopolymerisation. The quantity gives an 
averaged polymerisation rate in case of a copolymerisation. The expression for kov can be 
derived from equations 3.1 and 3.11, and equals: 
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The decomposition rate constant kd can be calculated via: 
 RT

aE

ekk dd

−

= 0  (3.13) 
 
in which the temperature T is expressed in Kelvin. The initiator efficiency is assumed to be 
1. The value for kd, which differs for every initiator, can be calculated from relations given 
by Akzo-Nobel, the supplier of the initiators (table 3.2).  
 

 
    
Fig. 3.6 The polymerisation rate constant versus the conversion 
 
Figure 3.6 shows the kov versus the conversion of the monomers for the St-BMA 
copolymerisation. It can be observed that kov is not only dependent on temperature, but also 
on the conversion. The increase in polymerisation rate at higher conversion is a result of the 
gel effect. At low conversion, the rate of polymerisation is rather low, which is probably a 
result of the inhibitor, which was not removed in the DSC- and extruder experiments. Figure 
3.6 shows that the effect of inhibitor is more pronounced at higher temperatures.  
Figure 3.7 compares the rates of polymerisation for styrene, BMA and the copolymerisation. 
It can be seen that the copolymerisation is faster than the polymerisation of styrene, but 
significantly slower than the homopolymerisation of BMA. Just as in figure 3.6, the fastest 
reaction is mostly hindered by inhibitor effects. The gel effect is most pronounced in the 
case of BMA. The gel effect of styrene is comparable to the effect of the copolymerisation. 
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Fig. 3.7 Comparison of styrene, St-BMA and BMA 
 
Table 3.1 shows the values for kov after 10% conversion for the polymerisation described in 
figures 3.6 and 3.7. After 10% conversion, the effect of the inhibitor can be neglected and 
the gel-effect is not important yet. The data for the kov for St and BMA, combined with the 
values for r1 and r2 can be used for a prediction of a value for the kov for the 
copolymerisation by using the terminal model. This kov can be calculated via: 
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When the terminal model is used for describing the copolymerisation of St with BMA the 
average polymerisation rate constant is 0.39 (l / mol s)0.5, when the monomers are mixed in 
the ratio 1:1. This is significantly more than 0.24 as found by the DSC experiments. This 
means that the terminal model does not describe the rate of copolymerisation correctly at 
high temperatures. To describe the rate of polymerisation more accurate, a penultimate 
model should be used (Fukuda 1987).  
 
 
3.4 Conclusions 
 
The copolymerisation of St-BMA is slower than the polymerisation of BMA, but 
significantly faster than the homopolymerisation of styrene. The terminal model is not 
sufficient for the description the copolymerisation when using the reactivity ratios measured. 
The reactivity ratios indicate that when St and BMA are mixed in equal molar amounts, 
some composition drift is likely to occur. However, the St-BMA-copolymer was completely 
transparent in all experiments, indicating no severe phase separation due to composition 
drift. The rate of thermal polymerisation of St-BMA is comparable to that of styrene itself. 
The BMA used showed no thermal activity. 
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Table 3.1 The rate of polymerisation for St, BMA and St-BMA-copolymerisation. 
 

 T (°C) initiator [I] 
(mmol/mol M) 

kov (at 10% 
conversion) 

Styrene 130 Trigonox C 5.3 0.095 
St-BMA 120 Trigonox 29C50 5.0 0.14 
St-BMA 130 Trigonox C 5.0 0.24 
St-BMA 140 Trigonox 101 4.6 0.37  
BMA 130 Trigonox C 4.2 0.57 

 
 
Table 3.2 Decomposition rate constants and temperatures belonging to the half life time t1/2 
 indicated for the initiators used in this thesis 
 

 kd0  
(1/s) 

Ea 
(kJ/mol) 

t1/2 = 
0.1 hr 

 
1 hr 

 
10 hr 

BPO (Lucidol) 6.94 e13 122.35 113 °C 91 °C 72 °C 
Trigonox 29C50 7.59 e13 127.52 128 105 85 
Trigonox C 2.26 e16 151.59 142 122 103 
Trigonox 101 1.68 e16 155.49 156 134 115 
Trigonox T 1.17 e15 146.98 159 136 115 

 
 
Nomenclature 
 
e constant for determining reactivity ratios - 
Ea activation energy J/mol 
f initiator efficiency 
fa mole fraction of monomer A in the feed - 
Fa mole fraction of component A in the polymer - 
∆Hr heat of polymerisation J/kg 
I initiator 
kd initiator decomposition rate constant l/mol s 
kd0 pre-exponential factor for the decomposition of the initiator 1/s 
ki initiation rate constant l/mol s 
kov pseudo first order polymerisation rate constant √(l/mol s) 
kp propagation rate constant l/mol s 
kt overall termination rate l/mol s 
ktc termination by combination rate constant l/mol s 
ktd termination by disproportionation rate constant l/mol s 
M monomer 
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M· total amount of growing polymer chains 
Mi· growing radical of chain length i 
Mn number average molecular weight kg/mol 
Mw weight average molecular weight kg/mol 
P polydispersity 

n
w

M
M  - 

Pi polymer of chain length i 
Q constant for determining reactivity ratios - 
r1, r2 reactivity ratios - 
r11 reactivity ratio used in the terpolymerisation kinetics equations - 
R gas constant (8.314) J/mol K 
R· initiator radical 
t time s 
T temperature K 
vp polymerisation rate mol/l s 
Wm molecular weight of monomer M kg/mol 
ζ conversion - 
[ ] concentration mol/l 
[ ]o concentration before polymerisation mol/l 
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Chapter 4 

 
Reactive extrusion of St-BMA 

 
 
This chapter describes the copolymerisation of styrene-n-butylmethacrylate (St-BMA) in a 
counterrotating twin screw extruder. This extruder has already been used for several other 
reactive extrusion processes, such as the polymerisation of ε-caprolactam (Speur 1988), the 
grafting of maleic anhydride on polyethylene, the polymerisation of urethanes (Ganzeveld 
1992) and the radical polymerisation of several methacrylates (Jongbloed 1995a). The 
reason for using the counterrotating twin screw extruder in this study is that Jongbloed 
(1995c) showed this type of extruder to be the most stable polymerisation reactor.  
Starting point of the study is the polymerisation of St-BMA in the extruder. Attention is 
focused on process characteristics as well as product properties, especially the molecular 
weight. The experiments with St-BMA are described in sections 4.3, 4.5 and 4.6. All other 
reactive extruder experiments described in the following chapters will be compared and 
related to the experiments in these sections.  
 
 
4.1 The extruder as a polymerisation reactor: Working domain 
 
In reactive extrusion processes parameters, such as screw rotation rate and throughput, can 
not be set freely at any arbitrarily value . Demands for conversion and molecular weight 
limit the range of the extruder parameters. Furthermore, instabilities can occur more easily in 
reactive extrusion processes than in normal extrusion processes. This means that the working 
domain is smaller when the extruder is used as a polymerisation reactor. In this thesis, the 
working domain of the counterrotating twin screw extruder is defined as the operating 
window in which a stable extrusion process produces a product with a conversion higher 
than 90%.  
 
 
4.2 The extruder as a polymerisation reactor: Experimental set-up 
 
The experimental set-up is schematically shown in figure 4.1. The main aspects of the set-up 
are listed in this section. The numbers in the list correspond to the numbers in figure 4.1 
(1 = extruder, etc.).  
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Fig. 4.1  Experimental set-up 
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1. The extruder is a counterrotating, closely intermeshing twin screw extruder (Rollepaal). It 
possesses screws with a diameter of 40 mm and a length of 600 mm (L/D = 15). The pitch 
of the screw is 2.4 cm, except for the feed zone, in which the pitch is 3 cm. The other 
geometric constants of the screws are described in chapter 2. The extruder has four 
heating zones, which are PID controlled. The feedzone can be cooled with water. The 
motor power of the extruder is 4.5 kW. The screw rotation rate can be varied from 0 to 50 
rpm.  

2. An important part of the experimental set-up is the die. The die can be heated and is PID-
controlled. The die resistance is variable and its reciprocal resistance K can be set between 
a value of 0 and 6.85*10-10 m3. For the meaning of the die resistance, see equation 2.13 
and section 2.3.1. 

3. The static mixer (Kenics) is connected to the feed zone of the extruder. The mixer has a 
length 191 mm and an inner diameter of 3.4 mm. Twenty-seven elements are inside the 
mixer.  

4. The stirred tank reactor can be heated and cooled. Due to the heating, a thermal 
prepolymerisation can be performed, or the monomer mixture can be heated in order to 
dissolve maleic anhydride (chapter 6) or a polymer (chapter 8). The piping to the static 
mixer is traced (this means that it can be heated).  

5. A separate vessel contains the initiators, which are dissolved in a small amount of 
monomer. The volumetric flow to the static mixer is roughly 10% of the main volumetric 
flow that leaves the stirred tank reactor (4). The vessel is not used when the monomer 
mixture is not heated and the initiator concentration remains constant during an 
experiment. In that situation, the initiators are added to the monomer mixture in the stirred 
tank reactor.  

6. The pressure transducers measure the die pressure and the pressure at 9 and 15 cm before 
the die. 

 
 
4.3 The polymerisation of St-BMA in the extruder 
 
4.3.1 Experimental 
The monomer mixture was prepared by mixing the monomers styrene and n-
butylmethacrylate (both inhibited) in a molar ratio of 1:1. To this mixture a combination of 
two or three initiators with different half-life values was added. The number of initiators 
depended on the temperature profile that was applied over the extruder. In the case of two 
initiators, the chemicals were dibenzoylperoxide (30%) and Trigonox C (70%). When a 
steep temperature profile was applied (120-160 °C) half of the Trigonox C was replaced by 
Trigonox T.  
In order to compare the influence of the several product and process parameters, standard 
settings were chosen for the parameters. When one parameter was varied, the other 
parameters were generally set at the standard values. The standard initiator concentration 
was 8 mmol/mol styrene. The standard screw rotation rate was 28 rpm. The standard 



Chapter 4 

58 

temperature profile was 120-120-130-140-145 °C; the steeper temperature profile was 120-
130-140-150-160 °C. The standard reciprocal die resistance was 7.4*10-11 m3. The 
throughput depended strongly on the reaction mixture used and varied between 4 and 20 
g/min. Samples were collected when the extruder reached steady state. In order to stop the 
reaction immediately, the samples were frozen in liquid nitrogen at the outlet of the extruder.  
 
4.3.2 Product analysis 
The conversion of the product was determined gravimetrically. About 1 gram of product was 
dissolved in tetra-hydrofuran (THF). A small amount of hydrochinon was added to this 
solution to inhibit further reaction. The solution was poured onto an aluminium dish, which 
was placed in a vacuum oven at 135 °C for at least 18 hours to remove the THF and 
remaining monomers. The conversion was determined by weighing and calculated via 
equation 4.1. The conversion could be reproduced with an accuracy of 1%. 
 

 conversion =  weight of remaining polymer
weight of sample

* %100  (4.1) 

 
The molecular weight distribution of the product was determined by Gel Permeation 
Chromatography. The solvent was THF and two mixed-C columns of Polymer Laboratories 
were used. The detection method was by refractive index. This detection method needs 
Mark-Houwink constants. For the copolymer St-BMA, these constants are not known in 
literature and therefore, it was assumed that these constants were the same as for 
polystyrene. Some GPC-experiments using light-scattering as detection method showed that 
the molecular weights given by the refractive index method were a slight underestimation of 
the actual molecular weight. 
Apart from conversion and molecular weight distribution, several other product properties, 
such as polymer melt viscosity and tensile strength, were determined. The methods and 
results are described in chapters 5, 6, and 8. 
 
4.3.3 Results 
The polymerisation rate of the monomer mixture St-BMA is rather low. This low 
polymerisation rate resulted in a quite difficult extrusion process, in which the die resistance 
turned out to be the most important parameter. A stable process and a high conversion could 
only be obtained if a high die resistance was applied. The high die resistance and the low 
polymerisation rate resulted in a completely filled extruder at a low maximum throughput. 
The maximum conversion proved to be 96%, which was probably a result of thermodynamic 
limitations, as will be explained in chapter 8.  
The influence of the die resistance on the conversion is shown in figure 4.2. A reduction of 
the die resistance results in a decrease in residence time. Therefore, a decrease in conversion 
is expected. Experimentally, a sharp decrease in conversion was observed at a certain die 
resistance. This sharp decrease in conversion indicates a certain transition from one regime 
to another, in which the residence time of the material in the extruder is significant lower. 
After the drop in conversion, the die pressure is almost zero, which means that no fully-filled 
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length is present anymore. Figure 4.2 shows also the influence of the screw speed. An 
increased screw speed results also in a decreased residence time, and therefore in a 
decreased conversion. The experiments show this decrease, although the decrease is rather 
small. 
 

 
   
Fig. 4.2 The influence of the die resistance (■) and screw speed (♦) on the conversion. The 
 meaning of the numbers in the figure will be explained in section 4.6. The 
 extruder settings are listed in table 4.1 at the end of this chapter 
 
An increase in maximum throughput was expected, when the polymerisation rate was 
increased by raising the reactor temperature. When the temperature of the extruder barrel 
was changed, also one or more initiators has to be replaced, because the initiators are very 
temperature sensitive. However, the maximum throughput did not increase when the 
temperature of the barrel was increased. Moreover, the output of the extruder became 
irregular. These instabilities are probably caused by the decreased polymer melt viscosity 
because of the higher extruder temperature. The effect of the polymer melt viscosity is 
described in chapter 5. 
 
 
4.4 Prepolymerisation 
 
Prepolymerisation can improve the process for several reasons. First of all, the heat, due to 
the polymerisation reaction in the extruder decreases, since part of the heat of 
polymerisation is already released in the prepolymerisation reactor. This decreased heat is 
important, since the initiator efficiency is strongly influenced by the reaction temperature, 
which implies that the temperature control is important. If the temperature inside the 
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extruder can not be controlled, a run-away may occur. In the case of a radical 
polymerisation, run away conditions will not result in a too high reactor temperature leading 
to polymer degradation, but run-aways will generally limit the maximum conversion. This 
limitation in conversion is caused by a strong decreasing initiator efficiency at too high 
temperatures. In the extruder used in this thesis, no severe heat problems are likely to occur, 
due to the low throughputs, but for faster reactions, or in large extruders, the removal of the 
heat of polymerisation can become a problem (Ganzeveld 1990). In those situations, the 
decrease of released heat of polymerisation is very important.  
A second effect of prepolymerisation is an increase in feed viscosity. Since extruders are not 
very suitable for handling low viscous materials, a feed with low viscosity can result in 
several problems, such as instabilities in output. After prepolymerisation, a feed is obtained 
that is more suitable for the extruder, resulting in a process that is easier to control. 
Finally, prepolymerisation increases the molecular weight of the polymer formed in reactive 
extrusion. It is therefore a good tool to adjust the molecular weight of the polymer formed 
(Michaeli 1993). 
 
4.4.1 Experimental 
The prepolymerisation was performed in a stirred tank reactor (figure 4.1). About 2.5 kg of 
St and BMA (molar ration 1:1) was put in the reactor and heated to 135 °C. When the 
prepolymerisation started, the tank reactor had to be cooled to maintain a temperature 
between 135 and 140 °C. The prepolymerisation was stopped by cooling the tank reactor 
rapidly to 60 °C when the conversion was estimated to be 25% by using figure 3.3. A sample 
was taken to determine the conversion precisely. After prepolymerisation, the extruder was 
operated as described in section 4.2 and 4.3.1. Samples were analysed as described in 
section 4.3.2. 
 
4.4.2 The effect of prepolymerisation on the process 
Prepolymerisation influenced the process strongly. Although the conversion after pre-
polymerisation was only 20-25%, the maximum throughput could be increased with at least 
a factor 2 (14 g/min compared to 7 g/min), without a severe loss of conversion. Furthermore, 
the dependence on extrusion parameters, such as die resistance, was much smaller 
(figure 4.3). Although the throughput was higher in the case of the prepolymerisation, the 
conversion did not decrease when a prepolymerised mixture was added to the extruder, 
while the conversion decreased sharply when no prepolymerisation was performed. After 
prepolymerisation, a steeper temperature profile could be applied, without obtaining 
irregularities in the output. This steeper temperature profile is desirable, because it simulates 
the process in industrial extruders, in which not all the heat of reaction can be removed 
easily.  
The increase in maximum throughput and the decreased dependence on the die resistance 
can be explained as a result of three effects. First of all, the time needed to obtain a high 
conversion is decreased because of the prepolymerisation. Secondly, the increased molecular 
weight of the polymer leads to an increase in polymer melt viscosity. An increase in melt 
viscosity stabilises the process, which also results in higher throughputs (chapter 5). The 
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third effect is the increased viscosity of the feed, which also stabilises the process. This 
effect will be explained in chapter 7.  
 

 
   
Fig. 4.3 The effect of the die resistance on the conversion (♦ prepolymerisation, ■ no 
 prepolymerisation) 
 
4.4.3 Comparison with the patent written by Kelley (1993) 
The reactive extrusion process with prepolymerisation as described in this section resembles 
very much the process described by Kelley (1993). In that patent, styrene is polymerised 
through a radical mechanism in a two-steps process. The first step is a thermal 
prepolymerisation or a prepolymerisation with peroxides, in which a conversion of 20 to 
40% is obtained. After prepolymerisation, the mixture is polymerised and devolatilised in a 
corotating twin screw extruder (Berstorf ZE180). A conversion of 98.5% was obtained. In 
the latter step, the polymerisation is initiated by peroxides similar to the initiators used in our 
study. Initiator concentrations are roughly 2 mmol/mol St. During the polymerisation, 
temperatures of 260 to 310 °C can occur in the extruder, when a throughput of 8 tons per 
hour is applied. Not only styrene, but also various copolymers, such as styrene-maleic 
anhydride and styrene-methylmethacrylate can be produced via the same process.  
The results as claimed by Kelley do not correspond with the results described in this chapter. 
First of all, the throughput is much higher than the throughput obtained in the extruder used 
in this study. When the scaling rules as developed by Ganzeveld (1990) are applied, we 
should be able to obtain a throughput of 80 kg/hour, which corresponds roughly to 1 kg/min. 
Due to the higher screw speed, the throughput in corotating machines is higher than in 
counterrotating extruder, but it can not explain the large differences. Besides the higher 
throughput, Kelley obtained a high conversion under run-away conditions. We never 
obtained a conversion higher than 90 % in flask polymerisation, when a significant 
temperature rise was observed.  
Concluding, I will be very surprised if ever a polymerisation plant will be built based on the 
process as described by Kelley. 
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4.5 The molecular weight of the polymer 
 
Without prepolymerisation, the weight average molecular weight of the polymer formed was 
about 90 kg/mol when the extruder was operated under standard conditions. The molecular 
weight distribution was smooth for the samples obtained by reactive extrusion (figure 4.4). 
 

 
   
Fig 4.4 A typical molecular weight distribution for St-BMA when polymerised in the 
 extruder  
 
The molecular weight of the polymer determines its usefulness. Therefore, we tried to 
influence the molecular weight both by process and  by product parameters The main tools 
for adjusting the molecular weight are initiator concentration (equations 3.2 and 3.3) and the 
temperature at which the polymerisation proceeds (Jongbloed 1995a). Generally, the 
influence of screw speed and die resistance is quite small and often unpredictable. Since it is 
very likely that the molecular weight of the polymer formed changes when the 
polymerisation proceeds (gel effect), molecular weights should only be compared at the 
same conversion, which should be preferably higher than 95%. For samples with different 
conversions, the molecular weight increases generally with the conversion.  
Figure 4.5 shows the effect of the initiator concentration on the molecular weight and the 
effect of prepolymerisation. The conversion was slightly influenced by the initiator 
concentration in these experiments and varied between 90 and 95%. As shown in figure 4.5, 
prepolymerisation increases the molecular weight and also the ratio Mw/Mn. After 
prepolymerisation, a weight average molecular weight of roughly 190 kg/mol could be 
obtained at low initiator concentration. This increase in molecular weight means that the 
product quality is improved by prepolymerisation.  
The effect of the initiator concentration is predicted by equations 3.2 and 3.3. A doubling of 
the initiator concentration results in a decrease in momentarily formed molecular weight 
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with a factor √2, while if the conversion is not influenced by the initiator concentration, a 
doubling in initiator concentration can result in a halving of the number average molecular 
weight after polymerisation. Experiments, however, show a much smaller influence. From 
figure 4.5, it can therefore be concluded that prepolymerisation is a better tool to obtain 
higher molecular weights, than lowering the initiator concentration without 
prepolymerisation.  
Chapter 8 describes the effect of very high initiator concentrations in order to obtain low 
molecular weights.  
 

 
   
Fig. 4.5 The effect of the initiator concentration on the molecular weight of the polymer  
 formed, with (■ Mw, ▲ Mn) and without prepolymerisation (♦ Mw, ● Mn) 
 

 
   
Fig. 4.6 A typical molecular weight distribution after prepolymerisation 
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The effect of prepolymerisation on the molecular weight distribution can be observed, when 
comparing figures 4.4 and 4.6 Prepolymerisation resulted in a tail associated with high 
molecular weight fraction formed during prepolymerisation. 
 

 
   
Fig. 4.7 The effect of the temperature on the molecular weight and conversion  
 (♦ conversion, ■ □ Mw, ▲ ∆ Mn) 
 

 

 
   
Fig. 4.8 The effect of the screw rotation rate on the molecular weight (♦ Mw, ■ Mn) 
 
Figure 4.7 shows the effect of the barrel temperature on the molecular weight of the polymer 
formed. In these experiments, the temperature of the first heating zone was kept at 120 °C, 
while the die temperature is indicated in the figure. The temperature of the other heating 
zones was increased with steps of 5 or 10 °C from first heating zone temperature to die 
temperature. Only two initiators were added (BPO and Trigonox C), except for the 
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experiments with a die temperature of 160 °C in which half of the Trigonox C was replaced 
by Trigonox T. It was demonstrated that a higher barrel temperature resulted in a lower 
molecular weight, although the effect was quite small. The conversion increased slightly 
with temperature.  
A change in extruder parameters, such as die resistance and screw speed, also influences the 
molecular weight of the polymer formed. The most reasonable explanation is that by 
changing an extruder parameter, the thermal treatment of the material inside the extruder 
alters, due to the temperature profile along the barrel. Hornsby (1994) suggested that also the 
amount of shear stress influences the molecular weight. Although Hornsby found a very 
strong influence on the molecular weight in the case of polyamide 6, in radical 
polymerisations the influence is rather weak and often unpredictable (figure 4.8, Jongbloed 
1995a).  
 
 
4.6 Reproducibility 
 
In this section the reproducibility of the extruder experiments is studied. This is done by 
comparing identical extruder settings, which are obtained by changing different extruder 
parameters. The main objective is to investigate the possibilities of a multiple steady state 
taking place in the extruder.  
The experiments described in this chapter show a good reproducibility in conversion. For 
example, the points indicated with an "1" in figures 4.2 and 4.7 are obtained at identical 
extruder settings. However, the settings of the extruder are obtained in experiments in which 
other parameters were altered. In figure 4.2 the die resistance is changed, while in figure 4.7 
the temperature profile was altered. The values for conversion were respectively 93.9 and 
94.1%. Another examples is given by the values for the conversions indicated with a "2" 
figures 4.2 and 4.7. These conversion values are respectively 92.3 (figure 4.2) and 93.3% 
(figure 4.7). In general, the conversion could be reproduced with an accuracy of about 1%.  
The reproducibility in molecular weight was less good. For example, the values for the 
experiments indicated with a "3" are respectively 92 kg/mol (figure 4.5) and 115 kg/mol 
(figure 4.7) at identical extruder settings. 
The differences in molecular weight can be a result of some kind of hysteresis in the process 
of reactive extrusion. However, some errors in measurements of the process are more likely 
because of the slow polymerisation. Due to this slow polymerisation, long residence times 
were needed, as a result of which the steady state will be obtained just after long waiting 
times. For better results concerning the molecular weight, one should use a faster 
polymerisation, as in chapter 6 or feed the extruder batch wise as in chapter 8.  
 
 



Chapter 4 

66 

4.7 Conclusions 
 
The copolymer St-BMA can be produced via reactive extrusion. A conversion of 96% is 
possible in one step. However, due to the low polymerisation rate,  the throughput is limited. 
Prepolymerisation enlarges the working domain of the counterrotating twin screw extruder. 
It results in higher maximum throughputs and a decreased dependence on the extruder 
parameters. Prepolymerisation leads also to higher molecular weights. The rate of 
conversion after prepolymerisation seems to be a good tool to adjust the molecular weight of 
the product formed. For slow polymerisations such as St-BMA a prepolymerisation is 
strongly recommended in reactive extrusion. 
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Table 4.1 Extruder settings. The initiator concentration is expressed as mmol/mol St 
 

figure [I] conv. after 
prepol. (%)

temp. 
profile (°C) 

Q 
(g/min) 

K  
(10-11 m3) 

N  
(rpm) 

4.2 ■ 8 0 120-145 6 var 28 
4.2 ♦ 8 0 120-140 5 7.4 var 
4.3 ■ 8 0 120-145 6 var 28 
4.3 ♦ 9 22 120-160 10 var 28 
4.4 8 0 120-145 5 7.4 28 

4.5 ■ ▲ var 25 120-160 9 7.4 28 
4.5 ♦ ● var 0 120-145 7 7.4 28 

4.6 8 21 120-140 9 17.7 28 
4.7 ♦ □ ∆ 8 0 var 7 7.4 28 
4.7 ■ ▲ 8 0 var 4 7.4 28 

4.8 8 0 120-140 4 7.4 var 
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Chapter 5 

 
The influence of the polymer melt viscosity 
on the working domain in reactive extrusion 

 
 
Experiments described in chapter 4 indicate that the rate of 
polymerisation is not sufficient to explain the results of the 
reactive extrusion experiments. The viscosity of the polymer 
melt and the increase in viscosity during polymerisation are 
also very important. To investigate the influence of the 
polymer melt viscosity on the reactive extrusion process, the 
styrene-n-butylmethacrylate (St-BMA) copolymer is 
crosslinked in order to increase the polymer melt viscosity (section 5.2.2), without 
influencing the polymerisation rate (section 5.2.3). The crosslink agent used is 
divinylbenzene (DVB), which influence on product properties is also described in this 
chapter. Figure 5.1 shows the structure of the molecule. 
 
 
5.1 Introduction 
 
The styrene-n-butylmethacrylate copolymer is investigated several times. Chapter 3 gives a 
short overview and describes the applications of this polymer. In literature however, not only 
linear, but also crosslinked polymers that consist of styrene and n-butylmethacrylate are 
studied (Schellenberg 1993). Generally, the applications of crosslinked polymers lie in the 
field of optical discs, micro gels for painting, super absorbents and in several medical 
applications (Tobita 1992). Highly crosslinked polymers are produced in bulk, while 
emulsion and suspension processes are useful for slightly crosslinked polymers (Ku 1988a)  
In literature, the extruder is mostly used for the production of linear polymers. Speur (1988) 
however, did research on the production of nylon 6 from ε-caprolactam. Not only mono-
functional initiators, but also bifunctional initiators were used in these experiments. 
Although the bifunctional initiator resulted in a high degree of polymerisation, it led to 
complications, since the polymer melt formed a network due to crosslinking. This resulted in 
a high polymer melt viscosity. The extremely high viscosity and the large changes in 
viscosity made the process unstable. Besides, the extruder stopped often because of torque 
limitations. Crosslinking reduced the operating window of the extruder in this particular 
application.  

 
 
Fig. 5.1 Divinylbenzene 
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Crosslinking however is rather common in reactive extrusion when it concerns modifications 
of polymers. Coupling reactions, vulcanisation or crosslinking in the presence of peroxides 
is investigated quite extensively (Xanthos 1992).  
 
 
5.2 The influence of crosslinking on the material properties 
 
The effect of crosslinking on a free radical polymerisation has been studied by several 
authors. Schellenberg (1993) found that crosslinking leads to higher molecular weights, or to 
gel formation. As a result of these two effects, the viscosity of the polymer melt increases 
significantly. The gel formation depends on the type of crosslink agent used. Generally, the 
product formed is not homogeneous. Schellenberg found also that the glass transition 
temperatures are relatively constant, irrespective of the concentration of the crosslink agent 
for copolymers of styrene and BMA. 
In recent years, the free radical polymerisation with crosslinking has been modelled several 
times (Batch 1992, Kurdikar 1994, Tobita 1993, Tobita 1992, Zhu 1993). Tobita (1992) 
proposed a model that describes the network structure development during the 
polymerisation. The model can be useful in the production of more homogeneous polymer 
networks. In 1993, Tobita published a model that describes the network formation in the 
postgelation period. Batch (1992) developed a kinetic model for crosslinking free radical 
polymerisation that predicts the effect of temperature, inhibitor, and initiator concentration. 
This model shows that at higher conversions the effects of a decreased initiator efficiency, a 
decreased termination rate and radical trapping become important.  
 
5.2.1 The influence of DVB on the polymer melt viscosity 
The viscosity η of a fluid describes the ratio between the shear stress τxy and the shear rate 
γ& : 

 
γ

τ
η

&

xy=  (5.1) 

 
in which for a one dimensional flow, the shear rate is defined as (vy is velocity in y-
direction): 

 
dx
dvy−=γ&  (5.2) 

 
The ratio between the shear stress and shear rate is constant for Newtonian fluids. Generally, 
polymer melts are non-Newtonian fluids, which means that the ratio of the shear stress and 
shear rate is not constant, but depends on the shear rate. The ratio between the shear stress 
and shear rate is therefore called the apparent viscosity ηa. 
The rheology of the polymers formed was studied by using a capillary viscometer. The 
measurements were performed in a high pressure capillary apparatus (HKV 1000/1600, 
Göttfert Werkstoff Prömaschinen GmbH). The capillary had a length of 3 cm, a diameter of 
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1 mm, and an exit angle of 180 ° (installed die roundhole 30/1.0/180). The measurements 
were performed at constant pressure and at a temperature of 150 °C. The characteristics of 
the samples measured are listed in table 5.1. The Rabinowitsch correction is applied in the 
calculation of the apparent viscosity.  
 
Table 5.1 Characteristics of the samples used in viscometry. The molecular weight concerns 
 the soluble part of the polymer 
 

[DVB] 
(mmol/mol St) 

gel fraction 
(%) 

Mw 
(kg/mol) 

Mw/Mn 

0 0 78 2.6 
2 3 155 3.6 
3 38 146 3.8 
4 55 148 3.6 
5 62 82 3.0 

 

 
   
Fig. 5.2 The shear rate versus the apparent viscosity. The numbers in the figure refer to the 
 amounts of DVB (mmol/mol St) added 
 
Figure 5.2 shows the shear rate versus the apparent viscosity for the different samples. The 
addition of DVB results in a higher polymer melt viscosity. Furthermore, figure 5.2 shows 
that the apparent viscosity of all polymers decreases at higher shear rate. At lower shear 
rates, the linear polymer shows a Newtonian behaviour, which is normal for linear polymers. 
The individual polymer chains behave as rigid spheres, which do not have much 
conformational interaction. When the polymer chains are crosslinked, the Newtonian 
behaviour at low shear rate was not observed. Due to crosslinking, the individual polymer 
chains have large interaction with each other, even at very low shear rates.  
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5.2.2 The influence of DVB on the kinetics  
The addition of a crosslink agent can influence the rate of polymerisation, due to the 
increased viscosity of the polymer melt. This higher viscosity can enhance the gel effect 
(Batch 1992). Figure 5.3 shows the effect of the addition of DVB on the rate of 
polymerisation for St-BMA. The rate of polymerisation was determined by using DSC as in 
chapter 3. It can be observed that DVB hardly influences the rate of polymerisation in these 
experiments. 
 
 

 
   
Fig. 5.3 Conversion curves for the copolymerisation of St with BMA with 0, 3 or 5 mmol 
 DVB/mol St added to the monomer mixture (T = 130 °C) 
 
Table 5.2 gives the rate of polymerisation at 10 % conversion for several monomer mixtures, 
while figure 5.4 presents kov for the whole conversion range (for the definition of kov see 
chapter 3). The copolymerisation was assumed to be pseudo homogeneous when calculating 
kov. At low conversion, there is no increase in reaction rate due to the addition of DVB. Only 
at high conversion, a small increase in gel effect could be observed when the polymer was 
crosslinked (figure 5.4).  
 
Table 5.2 The influence of the crosslink agent on the rate of polymerisation 
 

[DVB] 
(mmol/mol St) 

T (°C) initiator [I] 
(mmol/mol St) 

kov 
√(l/mol s) 

0  130 Trigonox C 10 0.24 ± 0.02 
3.0 130 Trigonox C 10 0.26 ± 0.02 
5.0 130 Trigonox C 10 0.22 ± 0.02 
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Fig. 5.4 The pseudo first-order reaction rate "constant" for the mixtures given in figure 5.3 
 
 
5.3 The extruder experiments 
 
5.3.1 Experimental 
The experimental set-up is described in chapter 4.  
The monomers styrene and n-butylmethacrylate (both inhibited) were mixed in the ratio 50-
50 mol%. To this mixture, a combination of two or three initiators with different half-life 
values was added. The number of initiators depended on the temperature profile that was 
applied. The two initiators were dibenzoyl peroxide (mole fraction of 0.3) and Trigonox C. 
When a steep temperature profile was applied (120-160 °C) half of the Trigonox C was 
replaced by Trigonox T. The standard temperature profile was 120-125-130-140-145 °C; the 
steep profile was 120-130-140-150-160 °C. The standard die resistance was 7.4 10-11 m3. To 
the monomer mixture, DVB was added in the amount of 0 to 5 mmol/mol St. The DVB used 
was of mixture of o-, m- and p-divinylbenzene, which was supplied as a 50 wt% solution in 
ethyl-vinylbenzene.  
The conversion was determined as described in chapter 4, except for the fact that the amount 
of crosslinked polymer used for the determination was somewhat less that the amount of 
linear polymer (about 0.4 gram). The molecular weight distribution was determined by GPC 
as in chapter 4. However, from samples that contained a non-soluble part due to 
crosslinking, only the molecular weight distribution of the soluble part was determined. The 
non-soluble fractions (gel fraction) of the samples were examined by using soxlet extraction.  
 
5.3.2 The effect of DVB on the product properties 
Crosslinking combines polymer chains. When the degree of crosslinking is low, the 
crosslinking results in higher molecular weights of the polymer formed. When the amount of 
crosslink agent in the reaction mixture is increased, part of the polymer will form a polymer 
network, which does not dissolve, but only swells in a solvent. More crosslink agent leads to 
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a complete polymer network. The fact that highly crosslinked polymers have lost their 
thermoplastic properties makes the extruder not suitable for producing these materials. In the 
experiments described in this chapter, the amount of DVB added is limited to a maximum of 
5 mmol/mol St. 
 

 
 
Fig. 5.5 The influence of the amount of DVB on the gel fraction in the polymer formed 
 
Figure 5.5 gives the amount of gel formed during reactive extrusion. It turned out that it was 
possible to synthesise a slightly crosslinked polymer via reactive extrusion. Only when more 
than 2 mmol DVB was added, gelfraction started to occur. The shape of the curve in figure 
5.5 is comparable to curves described by Schellenberg (1993).  
 
 

 
   
Fig. 5.6 The influence of DVB on the molecular weight of the polymer (■ Mw, ♦ Mn) 
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The effect of crosslinking on the molecular weight is given in figure 5.6. It should be noted 
that only the molecular weight could be measured from that part of the polymer that still 
dissolved. That is why a maximum in the molecular weight occurs. Low DVB-
concentrations leads to an increase in molecular weight, while more DVB leads to gel 
formation, as a result of which the length of the remaining polymer chains decreases. 
Figure 5.7 shows a typical molecular weight distribution of a crosslinked polymer. When the 
distribution is compared to the distribution of the unbranched polymer (figure 4.4), a 
broadening can be observed. Furthermore, the distribution shows two local maximums, 
which is a result of doubling, tripling, etcetera the normal molecular weight distribution of 
the unbranched polymer. This effect was predicted in a theoretical study performed by Yan 
(1979).  
 

 
   
Fig. 5.7  A typical molecular weight distribution of a crosslinked polymer. The extruder 
 settings at which this polymer is obtained are listed in table 5.3 
 
5.3.3 The effect of DVB on the process. 
As already described in chapter 4, the reactive extrusion process of St-BMA was quite 
difficult due to the low polymerisation rate. Irregularities in the output of the extruder occur 
quite often. An extreme example of instabilities in the output of the extruder is given in 
figure 5.8. With a period of roughly 15 minutes, the output reached a maximum, after which 
the extruder started to refill itself. 
As already stated, the situation described in figure 5.8 was quite extreme. However 
instabilities in the output occurred more often. These instabilities indicated that a minimum 
residence time was reached for a sufficient conversion, as could be proven by changing the 
die resistance. This effect will be discussed below. 
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Fig. 5.8  Instabilities in the output of the extruder 
 
To overcome the instabilities, the die resistance could be increased or decreased. When it 
was decreased, the residence time was decreased, which resulted in a significantly lower 
conversion. However, the output of the extruder became stable again. Nevertheless, this 
situation is not desirable due to the low conversion. When instabilities in the output are 
observed, the die resistance has to be increased in order to obtain a stable process, with 
sufficiently high conversion.  
 

 
   
Fig. 5.9  The influence of DVB on the maximum throughput of the extruder  
 (■ K = 3*10 10 m3, ♦ K = 7.4*10-11 m3, the other extruder parameters are 
 listed in table 5.3) 
 
Figure 5.9 shows the effect of DVB on the process. The throughput could be increased by 
almost a factor 2 when going from 0 to 4 mmole DVB per mole St. The maximum 
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throughput was defined as the throughput at which the extruder was fully filled, and the 
conversion of the product was higher than 90%.  
A conversion higher than 90% was achieved in all experiments, except in the experiment in 
which 1 mmole DVB was added at a reciprocal die resistance of 3*10-10 m3. The conversion 
of that sample was only 88%. In all other situations, the conversion ranged from 92-95%.  
Figure 5.9 shows that the maximum throughput is strongly influenced by the rheological 
behaviour of the material in the extruder, since the rate of polymerisation is hardly 
influenced by the addition of DVB. This implies that the residence time is not the only 
limiting factor in reactive extrusion. The rheological behaviour of the material inside the 
extruder also influences the operating window of the extruder. 
For a good comparison of the various experiments, all extruder settings should be identical. 
Because of stability reasons, this was not completely possible. The desired temperature 
profile, for example, ranged from 120 to 160 °C to simulate an industrial extruder, in which 
not all heat of reaction can be removed. When some DVB was added to the mixture, a stable 
extrusion process was obtained when this temperature profile was applied. In the case of the 
linear polymer, this steep temperature profile led to irregularities in the output of the 
extruder. Therefore, the standard temperature profile was applied, which is comparable to an 
increased die resistance. On the other hand, when more than 4 mmole DVB was added, the 
maximum throughput could only be increased by increasing the die temperature to 170 °C.  
 

 
   
Fig. 5.10 The influence of the die resistance on the conversion for the linear polymer (■) 
 and the crosslinked polymer (♦) 
 
Apart from the influence on the maximum throughput, the addition of DVB led also to a 
decreased dependence on the extruder parameters. The effect of the die resistance on the 
conversion is shown in figure 5.10. When no DVB was added, the conversion decreased 
rapidly when the die resistance was lowered, due to a decreased residence time. When 4 
mmole DVB per mole styrene was added, a decrease in conversion was not observed. From 
figure 5.10, two conclusions can be drawn. The first conclusion is that a conversion of 95% 
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is more or less a maximum conversion in this situation. The second conclusion is that the 
reactor volume is large enough to obtain this maximum conversion. Apparently, by 
crosslinking the polymer, the extruder volume is used more effectively. It is quite difficult to 
understand the underlying mechanism, but obviously the linear polymer needs a high die 
resistance to obtain sufficient conversion, while in the case of the branched polymer, the die 
resistance could be lowered. In that situation, a high die resistance resulted only in an 
unnecessary energy input in the crosslinked material.  
The effect of the screw rotation rate is shown in figure 5.11. An increase in screw rotation 
rate led to a decrease in the mean residence time. The decrease in residence time could result 
in a lower conversion if the time necessary for conversion was more or less equal to the 
mean residence time. A constant conversion with increasing screw rotation rate implied that 
the residence time was larger than the reaction time needed for the maximum conversion. 
Figure 5.11 shows a decrease in conversion for the linear polymer, while the conversion was 
hardly influenced when the polymer was crosslinked. Because the polymerisation rate was 
not influenced by crosslinking, it is concluded that in the case of St-BMA an increased 
viscosity results in a better use of the reaction volume in the extruder.  
 

 
   
Fig. 5.11 The influence of screw rotation rate on the conversion for the linear (■) and the 
 crosslinked polymer (♦)  
 
The results indicated in figures 5.9, 5.10 and 5.11 show that the working domain in reactive 
extrusion is enlarged by crosslinking the St-BMA-copolymer. Not only the throughput can 
be increased, but the extruder parameters can also be chosen in a wider operating window. 
Besides, by applying a higher temperature profile or a lower die resistance, even higher 
throughputs can be obtained. Chapter 7, in which the results are generalised, gives an 
optimisation procedure for the extruder when it is used as a polymerisation reactor 
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5.4 Conclusions 
 
The use of an extruder as a polymerisation reactor is not only restricted to linear polymers, 
but it can be extended to crosslinked polymers. The degree of crosslinking has to be limited, 
but a certain gel formation is allowed. If the degree of crosslinking is too high, the polymer 
is not a thermoplast anymore, as a result of which the extrusion of the material is not 
possible.  
In the case of the St-BMA, crosslinking leads to an enlarged working domain, which means 
higher maximum throughputs and a decreased dependence on the extruder parameters 
The effect of the crosslinking on the product properties was as expected. The polymer melt 
viscosity increases due to an increase of the molecular weight of the polymer chains. When 
more than 2 mmole DVB per mole styrene is added to the reaction mixture, gel formation 
starts. Except when the conversion is higher than 60%, the rate of polymerisation is not 
influenced by crosslinking.  
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Table 5.3 Extruder settings. The initiator concentration and the concentration of DVB are 
 expressed as mmol/mol St 
 

figure [I]  
 

[DVB] 
 

T  
(°C) 

Q 
(g/min) 

K 
(10-11 m3) 

N 
(rpm) 

5.7 10 3 120-150 11 7.4 38 
5.8 8 3 120-150 - 50 28 

5.9 ■ 10 var 120-145 or 
120-160 

var 30 28 

5.9 ♦ 10 var 120-145 or 
120-160 

var 7.4 28 

5.10 ■ 8 0 120-145 5 var 28 
5.10 ♦ 10 4 120-160 12 var 28 
5.11 ■ 8 0 120-140 6 7.4 var 
5.11 ♦ 10 4 120-160 7 7.4 var 
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Chapter 6 

 
The influence of the rate of polymerisation 

on the working domain in reactive extrusion 
 

 
Chapter 5 describes the influence of the polymer melt 
viscosity on the working domain in reactive extrusion. This 
chapter describes a more obvious parameter that influences 
the working domain, namely the rate of polymerisation. The 
rate of polymerisation is altered by replacing part of the n-
butylmethacrylate (BMA) by maleic anhydride (Mah) in a 
styrene-BMA-copolymer. The effect of Mah on 
polymerisation rate and polymer melt viscosity is 
quantitatively described in the first paragraph of this chapter. Since the usefulness of the 
extruder as a polymerisation reactor is also determined by the quality of the product formed, 
the effect of Mah and several other parameters on the polymer properties are extensively 
described in this chapter. After that, the effect of Mah on the process of reactive extrusion is 
studied. Figure 6.1 shows the structure of the Mah-molecule. 
 
 
6.1 The influence of Mah on material properties 
 
The terpolymerisation described in this chapter is the polymerisation of styrene (St) with 
BMA and Mah. This terpolymerisation can be considered as a combination of three binary 
subsystems. The subsystem St-Mah is a well-known copolymerisation. The 
copolymerisation is very fast and results in an almost perfect alternating copolymer (Ebdon 
1986, Klumperman 1994). The copolymerisation of St with BMA is compared to the 
copolymerisation of St-Mah rather slow (chapter 3). The subsystem BMA-Mah is not 
investigated in literature yet. Studies of a comparable system, methylmethacrylate-maleic 
anhydride (MMA-Mah), reveal that the homopolymerisation of MMA is faster than the 
copolymerisation, as a result of which composition drift occurs during polymerisation 
(Blackley 1956, North 1965).  
The terpolymer St-BMA-Mah is comparable to the terpolymer obtained after the 
polymerisation of St-Mah-MMA as described by Schmidt-Naake (1989). They found that 
the kinetic equations for terpolymerisations, as described in chapter 3, predict the terpolymer 
composition quite accurately, when these equations are based on the reactivity ratios of the 
several binary subsystems. Furthermore, they found a strong increase in initial 
polymerisation rate when Mah was added to a mixture of St and MMA. This increase 

 
 
Fig. 6.1 Maleic anhydride 
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diminished when the reaction proceeded, but over the whole conversion range, the mixture 
that contains most Mah gave the highest rate of polymerisation. 
As in chapter 5, the copolymerisation of St and BMA is the starting point for investigating 
the influence of the rate of polymerisation. When certain part of the BMA is replaced by 
Mah, a faster polymerisation is obtained. The substitution of BMA by Mah turned out to be 
a good tool for studying the effect of the reactivity on the extruder performance.  
 
6.1.1 The influence of Mah on the kinetics 
The copolymerisation of styrene with n-BMA and the terpolymerisation of St-BMA-Mah 
were studied by using Differential Scanning Calorimetry (DSC). The co- and 
terpolymerisation were considered as a pseudo homo-polymerisation in order to investigate 
the effect of replacing BMA by Mah. The terpolymerisation was not described completely, 
as it was not the goal of this research. 
For the copolymerisation of St with BMA, the reactivity ratios were determined at r1 = 0.40 
and r2 = 0.86 with St as monomer A (chapter 3). In the case of St-Mah, the reactivity ratios 
are r1 = 0.03 and r2 = 0.00 (Brandrup 1989). These reactivity ratios account for the fact that 
the copolymerisation of St with Mah is very fast, although Mah hardly polymerises and the 
polymerisation of styrene is rather moderate.  
The effect of Mah on the rate of polymerisation was investigated with a monomer mixture 
that was used during reactive extrusion. In these mixtures, the St-content was always 50 
mol%. The results of DSC experiments at 140 °C are shown in figure 6.2. It can be seen that 
the addition of Mah led to a much faster polymerisation.  
   

 
 
Fig. 6.2 The influence of Mah on the rate of polymerisation. The number next to the arrow 
 refers to the percentage of Mah in the feed 
 
The question that now rises is whether the reaction is only accelerated in the low conversion 
range, or the polymerisation is accelerated over the whole conversion range. One possible 
reaction mechanism is that styrene first reacts very fast with Mah, after which the remaining 
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styrene polymerises rather slowly with BMA. In that case, a mixture of two polymers is 
formed. Another possibility is that styrene mainly reacts with Mah, but that in the low 
conversion range also some BMA will react. As a result of this, Mah will be present during a 
larger part of the polymerisation, leading to a higher reaction rate in a larger conversion 
range. Therefore, the polymerisation rate, which is given by the quantity kp/√kt (= kov, see 
chapter 3), is determined quantitatively by DSC-experiments. Table 6.1 shows the results of 
these calculations. The DSC-experiments were performed at 130 °C and only 1 initiator was 
used (10 mmole Trigonox C per mole styrene). 
 
Table 6.1 kp/√kt (l0.5 mol-0.5 s-0.5) at different conversions, temperature 130°C. 
 

% Mah at 30 % 
conversion 

at 40 % 
conversion 

at 50 % 
conversion 

0 0.24 0.28 0.33 
5 0.38 0.34 0.33 
10 0.59 0.58 0.51 
15 0.83 0.78 0.68 
20 0.49 1.29 1.29 

 
The addition of Mah led to a strong increase in polymerisation rate compared to the 
copolymerisation of St-BMA, but the increase diminished when the reaction proceeded. 
However, Mah increased the polymerisation rate in a larger conversion range than would be 
expected if St only reacts with Mah in the beginning of the polymerisation. After the 
addition of 20% Mah, the increase in reaction rate was more than a factor 4 (the lower value 
at 30% conversion was due to the fact that at high Mah-concentrations the polymerisation 
started before the desired reaction temperature of 130 °C was achieved. This implied that the 
value for the reaction rate at 30% conversion corresponded with a lower temperature than 
130 °C). The results obtained by the DSC-experiments were comparable to those obtained 
by Schmidt-Naake for the St-MMA-Mah system. The DSC-experiments showed that mainly 
the St-Mah-copolymer will be synthesised in the low conversion region, but during the 
whole polymerisation some Mah will present in the monomer mixture, resulting in a higher 
reaction rate during the whole polymerisation.  
From the DSC-experiments, it can be concluded that the bulkpolymerisation of St-BMA-
Mah can be controlled easily in contrary to the St-Mah-copolymerisation, which mostly 
results in a run away. It seems that the presence of BMA reduces the polymerisation rate. 
Therefore, the terpolymer of St-BMA-Mah can be a promising precursor for the synthesis of 
ionomers that can be produced by for example reactive extrusion.  
 
6.1.2 The influence of Mah on the polymer melt viscosity 
Since the experiments described in chapter 5 show that the polymer melt viscosity is a 
important parameter in reactive extrusion, the viscosity of the terpolymers had to be studied. 
The apparent viscosity of the terpolymers St-BMA-Mah was described as the ratio between 
the shear stress and shear rate: 
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The rheology of the polymer was studied by using a capillary viscometer. The measurements 
were performed in a high pressure capillary apparatus (Rheograph 2003, release 2.1, Göttfert 
Werkstoff Prömaschinen GmbH). The capillary used had a length of 3 cm, a diameter of 
1 mm, and an exit angle of 180 ° (installed die roundhole 30/1.0/180). The temperature, at 
which the viscosity was determined, was 140 °C. The measurements were performed at 
constant pressure. The characteristics of the samples used are given in table 6.2.  
 
Table 6.2 Characteristics of the samples used in the viscosity measurements 
 

% Mah Mn 
(kg/mol) 

Mw 
(kg/mol) 

0 43 99 
5 45 105 
10 47 103 
15 58 143 

 
Figure 6.3 shows the shear rate versus the apparent viscosity. In the calculation of the 
apparent viscosity, we applied the Rabinowitsch correction. It can be seen that the 
substitution of 15% BMA by Mah increases the apparent viscosity by two orders of 
magnitude.  
 

 
   
Fig. 6.3 The apparent viscosity versus the shear rate. The numbers in the figure refer to the 
 amount of Mah in the sample   
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6.2 The extruder experiments 
 
6.2.1 Experimental 
The extruder and its equipment are described in chapter 4. In most experiments, the stirred 
tank reactor was slightly heated (40 °C) to dissolve all the Mah in the liquid monomers 
styrene and BMA. The monomer mixture consisted of 50 mole% styrene. The other 50 
mole% consisted partly of n-butylmethacrylate and partly of maleic anhydride. The initiators 
used were the same as in chapters 4 and 5, just as the standard settings of the extruder. 
The conversion of the samples collected at the die end were determined gravimetrically. The 
molecular weight of the product was determined by Gel Permeation Chromatography as 
described in chapters 4 and 5. Sometimes, a small part of the terpolymer did not dissolve in 
the THF, which means that only the molecular weight of the soluble part could be measured. 
As in chapter 4, the molecular weights are relative molecular weights, and they are also a 
slight underestimation of the actual molecular weights. 
 
6.2.2 The effect of Mah on product properties 
The styrene-n-butyl-methacrylate copolymer was a homogeneous polymer. Although the 
reactivity ratios indicate that some composition drift is likely to occur, the polymer formed 
was completely transparent. No phase separation occurred. When maleic anhydride was 
added to the reaction mixture the polymer became pale white, indicating some sort of phase 
separation, although this separation could not be observed with optical microscopy.  
As described in paragraph 6.1, Mah increased the polymerisation rate. This increase in 
reaction rate (the ratio kp/√kt) results in an increased molecular weight (equation 3.2).  
 
 

 
   
Fig. 6.4 The influence of Mah on the molecular weight of the polymer (■ Mw, ♦ Mn ) 
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At standard conditions, the results shown in figure 6.4 were obtained. The weight average 
molecular weight increased from 100 to 170 kg/mol, although the increase was only 
significant if a high percentage (more than 10 mole%) Mah was added to the mixture. The 
polydispersity Mw/Mn increased from 2.4 to 3.6 when more Mah was added. This increased 
polydisperisity can be explained as a result of the decreased polymerisation rate at higher 
conversion. The polymer formed in the high conversion range will therefore have a lower 
molecular weight, which leads to an increased ratio between Mw and Mn. 
The experiments indicates that the amount of Mah added is a tool to adjust the molecular 
weight of the polymer formed, although it influences also other product properties.  
 
6.2.3 The influence of the initiator concentration and extrusion parameters on the 
 molecular weight 
A real tool to adjust the molecular weight of the polymer is the initiator concentration. In 
chapter 4, the effect of the initiator concentration on the molecular weight was studied for 
the St-BMA copolymerisation. This paragraph describes the effect on the molecular weight 
of the terpolymer. Special interest is focused on the highest molecular weight that can be 
achieved, since only high molecular weight polymers when based on styrene can be used as 
engineering plastics.  
 

 
   
Fig. 6.5 The influence of the initiator concentration on the molecular weight (■ Mw, ♦ Mn) 
 The extruder settings are listed in table 6.3 at the end of the chapter 
 
Figure 6.5 shows the effect of the initiator concentration on the molecular weight for a 
terpolymer, which consisted of 15% Mah. The extruder was operated under standard 
conditions. It can be seen that the molecular weight was strongly influenced by the initiator 
concentration. At a low initiator concentration, a molecular weight Mw of almost 200 kg/mol 
was obtained, which makes the polymer suitable as an engineering plastic.  
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Although the influence of the initiator concentration was larger than in the case of St-BMA 
(chapter 4), the influence is still rather small. The ability of styrene to polymerise thermally 
probably accounts for the small influence of the initiator concentration.  
It should be noted that the conversion of the product decreased with decreasing initiator 
concentration. When 2.5 mmole initiator per mole styrene was added to the mixture, the 
conversion became 77%, while with a higher initiator concentration (> 12 mmol/mol St), 
conversions of 95% could be obtained. In summary, the initiator concentration is a rather 
powerful tool to adjust the molecular weight of the polymer, but the conversion may 
decrease at too low initiator concentrations. 
In previous chapters, it was already concluded that the molecular weight of the polymer 
formed is hardly influenced by extruder parameters. For the terpolymer St-BMA-Mah 
comparable results were obtained. For example, a change in screw rotation rate hardly 
influences the molecular weight of the polymer (figure 6.6). 
 

 
   
Fig. 6.6 The influence of the screw rotation rate on the molecular weight (■ Mw, ♦ Mn) 
 
6.2.4 The effect of Mah on the process 
To investigate the effect of Mah on the process of reactive extrusion, the process will be 
compared to the reactive extrusion process of St-BMA, which is described in chapter 4. The 
polymerisation of St with n-BMA was rather slow, which made the extrusion process rather 
difficult. A high die resistance was needed to obtain a high conversion. Due to the high die 
resistance, the extruder became already completely filled with liquid at a very low maximum 
throughput of roughly 7 g/min.  
The addition of Mah led to a faster polymerisation and a more viscous polymer melt. 
Therefore, the partial substitution of BMA by Mah influenced the process of reactive 
extrusion strongly. Higher throughputs were obtained, and the dependence on extruder 
parameters, such as die resistance and screw rotation rate, was reduced. Therefore, an 
increase in polymerisation rate combined with an increased polymer melt viscosity enlarges 
the working domain of the counterrotating twin screw extruder. 
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Figure 6.7 shows the effect of Mah on the maximum throughput of the extruder. The 
extruder worked under standard conditions. The maximum throughput was obtained if the 
extruder was fully filled with liquid or if the conversion became lower than the required 
conversion of 95 %. We could obtain this conversion under standard conditions, except for 
the St-BMA copolymer. The conversion in that situation was at most 94%. When figure 6.7 
is compared with figure 5.9, it can be observed that the increase in throughput is larger than 
the increase in throughput due to an increased polymer melt viscosity. Therefore, it was 
concluded that not only the polymer melt viscosity is important, but that also the 
polymerisation rate of the monomer mixture enlarges the working domain.  
 

 
   
Fig. 6.7 The influence of Mah on the maximum throughput 
 

 
    
Fig. 6.8 The influence of the die resistance on the conversion (♦ 20 % Mah, ■ 10 % Mah, 

 ▲ 0 % Mah) 
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Figure 6.8 shows the effect of the die resistance on the conversion of the product that leaves 
the extruder. In these experiments, the extruder operated under standard conditions, but 
when 20% Mah was added, the steep temperature profile was applied. The throughput was 7 
g/min when no Mah was added, 10 g/min when 10 % Mah was added, and 13 g/min when 
20% Mah was added to the reaction mixture. It can be seen that the addition of Mah 
stabilised the process, since the influence of the die resistance decreased at higher Mah-
contents. The effect of stabilising was even enhanced when taking into account the larger 
throughput at higher Mah-concentrations, since at higher throughputs a stronger effect of the 
die resistance was expected.  
Figure 6.9 shows the effect of the screw rotation rate on the conversion. The St-BMA-
copolymerisation showed a decrease in conversion. When Mah was added to the monomer 
mixture, the influence of the screw rotation rate on the conversion was diminished. This 
means that the magnitude of the effect of the screw speed was also dependent on the material 
inside the extruder.  
 

 
    
Fig. 6.9 The influence of the screw rotation rate on the conversion (■ 20 % Mah,  

 ♦ 0 % Mah) 
 
The effect of screw rotation rate was also influenced by the die resistance. At a high die 
resistance, a change of screw rotation rate hardly influenced the conversion, while at a low 
die resistance, the loss of conversion was significant at higher screw speed (figure 6.10).  
This effect shown in figure 6.10 can be explained by the following reasoning. The maximum 
conversion that can be obtained in these extruder polymerisations turned out to be about 
97%. At the high die resistance, this conversion was obtained. Due to the high die resistance, 
the residence time in the extruder was larger than the reaction time needed for a conversion 
of 97%. A decrease in residence time, due to an increase in screw rotation rate hardly 
influences the conversion, because the residence time was still larger than the reaction time 
needed. At low die resistance, the maximum conversion could not be obtained. The 
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maximum conversion was 92% at a screw rotation rate of 9 rpm. This means that the 
monomer mixture was still able to polymerise and the residence time was in fact too short to 
obtain the conversion of 97%. In this situation, a decrease in residence time due to an 
increased screw speed resulted in a decrease in conversion. Why the conversion remained 
constant when the screw speed was varied between 19 and 39 rpm is not quite clear yet. This 
effect, a constant conversion lower than the maximum conversion at varying screw speed 
was also observed by Ganzeveld (1993) and Jongbloed (1995a). 
 

 
   
Fig. 6.10 The influence of the screw rotation rate at high (♦) and low (■) die resistance 
 
 
6.3 Conclusions 
 
The closely intermeshing counterrotating twin screw extruder is a suitable polymerisation 
reactor for the terpolymerisation of St-BMA-Mah. When compared to the St-BMA-
copolymerisation, the addition of Mah led to a faster polymerisation and a more viscous 
polymer melt. As a result of these two effects, the extrusion process stabilised, which 
implied that the dependence on extruder parameters, such as die resistance was diminished. 
Besides, the maximum throughput could be increased significantly. It can be concluded that 
a faster polymerisation results in a larger working domain in reactive extrusion. 
The influence of extruder parameters is influenced by the other extruder parameters. This 
study showed that at a high die resistance, the influence of the screw rotation speed was 
negligible, while at low die resistance, an increasing screw speed resulted in a lower 
conversion. 
The molecular weight of the polymer formed is mainly dependent on product parameters 
such as initiator concentration and Mah-content. The initiator concentration influences the 
molecular weight, but the influence is somewhat smaller than theoretically expected. The 
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addition of Mah leads to a higher molecular weight. The influence of process parameters 
tested on the molecular weight is quite small and seems unpredictable. 
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Table 6.3 Extruder settings: [I] initiator concentration (mmol/mol St), Q throughput, 
 K reciprocal die resistance, N screw rotation rate 
 

figure [I]  
 

Mah 
(%) 

temperature 
profile (°C) 

Q 
(g/min) 

K 
(10-11 m3) 

N 
(rpm) 

6.4 8 var 120-145 var 7.4 28 
 

6.5 var 15 120-145 16 1.7 28 
 

6.6 9 5 120-145 7 1.7 var 
 

6.7 8 var 120-145 var 7.4 28 
 

6.8 ▲ 8 0 120-145 5 var 28 
6.8 ■ 8 10 120-145 10 var 28 
6.8 ♦ 8 20 120-160 13 var 37 

 
6.9 ♦ 8 0 120-140 6 7.4 var 
6.9 ■ 8 20 120-160 13 17.7 var 

 
6.10 ♦ 9 5 120-145 7 1.7 var 
6.10 ■ 9 5 120-150 7 30 var 
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Chapter 7 

 
Generalisation of the results 

 
 
This thesis describes the extruder as a polymerisation reactor. Starting point of the research 
is the copolymerisation of styrene (St) with n-butylmethacrylate (BMA). Three different 
aspects are investigated, namely the effect of prepolymerisation, the effect of the polymer 
melt viscosity, and the effect of the polymerisation rate (chapters 4 to 6).  
To understand reactive extrusion behaviour, a theory is developed by Ganzeveld et al (1992, 
1993). The theory is schematically shown in the "Interaction diagram" (figure 7.1), which is 
a qualitative analysis of the influence of the several extruder parameters on, for example, the 
conversion. The diagram is very useful in understanding the global behaviour of the extruder 
reactor. However, this chapter shows some major discrepancies between the experiments 
and the predictions by the Interaction diagram. Therefore, we developed a new theory 
concerning reactive extrusion, which resulted in a new optimisation diagram for the extruder 
used as a polymerisation reactor. 
 
 
7.1 The Interaction diagram 
 
The Interaction diagram describes the effect of the primary parameters on the variables in 
the reactive extrusion process. Primary parameters are parameters that can be controlled 
externally. According to the Interaction diagram (figure 7.1), the primary parameters, which 
are indicated in double enclosed boxes, are the screw rotation rate, the die resistance, the 
barrel temperature and the throughput. The radical concentration is also considered as 
primary parameter, since the type and amount of initiator, which determine the radical 
concentration, can be chosen rather freely. The upper part of the diagram describes the 
process parameters, while the bottom part of the diagram shows the product parameters. For 
clarity reasons, not all parameters are taken into account. One aspect that is neglected is for 
example the termination reaction, which is an important feature of radical polymerisation 
reactions. An implication of this neglect is that according to the Interaction diagram, an 
increase in temperature results in a higher conversion. This is not always true, due to the 
decreasing initiator efficiency when the initiator is used at a too high temperature.  
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Fig. 7.1 Interaction diagram 
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7.2 Deviations from the Interaction diagram 
 
The experiments, described in this thesis, show some situations in which the Interaction-
diagram does not describe the experiments correctly. In itself, this is not very surprising, 
since the process of reactive extrusion is very complicated. However, the use of the extruder 
as a polymerisation reactor will only be interesting, if a stable extrusion process can be 
obtained, giving a product with sufficient conversion. Especially in that part of the working 
domain, the predictions by the Interaction diagram are usually not correct. Two of the main 
cases will be discussed below.  
The first case is the influence of the screw rotation rate. The Interaction diagram predicts a 
decrease in conversion when the screw speed is increased, due to a decrease in residence 
time. This is not always true as can be seen in for example figure 6.9. It shows that a change 
in screw rotation rate hardly influences the conversion when 20% maleic anhydride (Mah) is 
added to the reaction mixture. This implies that an increase in screw rotation rate does not 
always lead to a decreased conversion. Sometimes, a constant conversion can be obtained 
when varying the screw speed. The second case concerns the throughput. The Interaction 
diagram conceives the throughput as primarily parameter, just as in normal extrusion 
processes. In reactive extrusion however, the maximum throughput will always be lower 
than the throughput in normal extrusion processes (figures 5.9 and 6.7). Furthermore, the 
figures show that the maximum throughput is dependent on material properties such as the 
polymerisation rate of the mixture in the extruder.  
Besides the cases discussed above, the Interaction diagram does not take into account two 
other important aspects. The first aspect is that the extent to which the extruder parameters 
influence the process is dependent on the reaction mixture in the extruder. For example, 
more Mah leads to a decreased dependency on the extruder parameters (fig. 6.8 and 6.9). A 
second aspect is the fact that the magnitude of influence of the extruder parameters is 
dependent on the other extruder parameters (figure 6.10).  
 
 
7.3 A new theory for reactive extrusion 
 
A new theory for the process of reactive extrusion will be discussed in this section. This 
theory describes qualitatively the polymerisation in a closely intermeshing counterrotating 
twin screw extruder. Probably, the theory is also useful for other extruder types, e.g. the 
selfwiping extruder. 
Crucial in the theory is the question whether or not an amount of non-reactive-material 
before the die exists. This material can be non-reactive, due to lack of monomer (100% 
conversion), lack of initiator, or the polymerisation has reached thermodynamic equilibrium 
(Dainton 1958). That non-reactive material is defined as a "plug" in this chapter. When a 
plug is present in the last part of the extruder, the process of reactive extrusion will be rather 
insensitive to changes in extruder variables, such as screw speed and die resistance. The 
reason for this phenomenon is that the material can not change anymore after complete 
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reaction. The theory can be expanded by stating that the bigger the size of the plug of 
material is, the less sensitive the reactive extrusion process is for any changes or 
disturbances. It should be noted that this plug is not the same as the fully filled length as 
described in chapter 2, but the plug is a part of that length. This situation is schematically 
shown is figure 7.2. If the plug is not present, the traditional theory, as given by the 
Interaction diagram, can be applied, since material that leaves the extruder still reacts. In that 
situation, an increase in screw rate results in a decrease in conversion due to a decrease in 
residence time, which corresponds with the prediction by the Interaction diagram. 
 

 
 
Fig. 7.2 Situation in which a plug (the darkest part) of completely reacted material is 
 present before the die. This plug is part of the fully filled length. 
 
The die resistance seems to be the most important (or at least mostly underestimated) 
extruder parameter, as it is a powerful tool to create a plug of completely reacted material. 
For an optimal use of the extruder, one should choose a die resistance that results in a plug 
of completely reacted material of minimal size. This die resistance can be defined as the 
minimum die resistance (MDR). If a die resistance larger than the MDR is applied, the size 
of the plug increases. This implies that the amount of mechanical energy added to the 
reacting material will be unnecessary high, as a result of which degradation may occur. 
Besides, when part of the extruder is filled with non-reacting material, the volume of the 
extruder is not used effectively. On the other hand, a too low die resistance leads to a 
conversion lower than the required conversion. It should be noted that the application of the 
MDR leads to an extrusion process that is very sensitive to disturbances. For stability 
reasons, one should apply a die resistance that is somewhat higher than the MDR, although 
the extruder volume is not used most economically in that situation.  
The MDR is different for each monomer mixture. For instance, the amount of Mah 
determines the die resistance at which a conversion of 95% can be obtained in the St-BMA-
Mah polymerisation (figure 6.8). Obviously, a faster polymerisation needs a lower die 
resistance for sufficient conversion. From experiments in which the polymer melt viscosity 
is increased by crosslinking (chapter 5), we can conclude that the MDR is also influenced by 
the polymer melt viscosity. Since the polymerisation rate and polymer melt viscosity are 
dependent on the temperature applied, the MDR will also depend on this temperature. The 
influence of the screw rotation rate is small, compared to that of the die resistance. As a 
result of this, the MDR will be slightly influenced by the screw rotation rate.  
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The Interaction diagram states that the throughput can be adjusted at every value within the 
normal working domain of the extruder. The maximum throughput is determined by the 
theoretical throughput and the pressure needed at the die end. This die pressure determines 
the fully filled length of the extruder, over which the pressure rises from ambient to the 
pressure at the die entry. In an absolutely uniform screw system with an iso-viscous fluid 
this pressure development along the screw is linear. For a liquid system with a changing 

viscosity the pressure 
development is no longer 
linear, but curved (figure 
7.3). 
Suppose that we want to 
produce a certain amount of 
polymer. The die resistance 
needed is given by the 
MDR. This die resistance, 
together with the 
throughput and viscosity, 
determines the pressure at 
the die entry (chapter 2, 
Janssen 1978). If the 
extruder is fed with pure 
polymer, the pressure will 
increase linearly with the 
fully filled length, as 
indicated by line 1 for the 
ideal iso-viscous situation. 
The fully filled zone 
occupies only part of the 
extruder, so the throughput 
can be varied freely in a 

quite large operating window. If the extruder is fed with monomer, the pressure profile as 
indicated by curve 2 will be obtained, provided that the throughput is similar and the 
conversion of the monomer is 100% resulting in an identical polymer as above. Since the 
product that leaves the extruder is similar for situation 1 and 2, the slope of the pressure 
profile at the die entry should be identical. Due to the decreased viscosity in the direction of 
the feedzone, the slope will decrease, which results in a larger fully filled length. In the 
situation as indicated in figure 7.3, the extruder is nearly fully filled, which implies that the 
throughput can not be increased anymore. So, in reactive extrusion, the maximum 
throughput is much smaller than the throughput in normal extrusion processes. For example, 
the maximum throughput described in this thesis was around 2 to 4% of the theoretical 
throughput. Even for a very fast polymerisation as performed by Jongbloed (1995a), the 
maximum throughput was limited to 10% of the theoretical throughput. Therefore, the 
throughput can better be considered as an extrusion variable rather than as a parameter that 

 

 
 
Fig 7.3 Pressure profiles 1. normal extrusion process, 
 2. reactive extrusion process 
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can be adjusted freely. However, it will be clear that when the polymerisation is very fast, 
the limitation in throughput will be less troublesome (chapter 6).  
A method to increase the throughput is to perform a prepolymerisation. Figure 7.4 shows the 
effect of prepolymerisation, which is indicated by curve number 2. After prepolymerisation, 
the material fed to the extruder possesses already some viscosity, and is therefore able to 
create some pressure per chamber. This means that the slope of the pressure line does not go 
to zero, as in normal reactive extrusion processes (curve number 3) but it starts immediately 
with a slope significantly larger than zero. Although after prepolymerisation, the fully filled 
length is still larger than in the normal extrusion process (curve 1), it is significantly smaller 
than in a reactive extrusion process without prepolymerisation. This implies that larger 
throughputs can be obtained after prepolymerisation. Chapter 4 describes this effect 
experimentally. 
With the theory described above, we can optimise the reactive extrusion process. The screw 
speed should be adjusted at a moderate speed; the temperature profile is especially in large 
extruders difficult to control, and sometimes necessary for adjusting the molecular weight of 
the polymer. This means that the temperature of the material in the extruder is not a real 
process parameter. The same holds for the initiator concentration. With this in mind the 
diagram as shown in figure 7.5 is developed. It optimises experimentally the process of 
reactive extrusion by searching for the lowest possible die resistance, combined with the 
maximum throughput, resulting in a high (for example more than 95%) conversion.  
 
 
 

 
 
Fig 7.4 The effect of prepolymerisation on the fully filled length 
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Fig 7.5 Optimisation diagram 
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7.4 Conclusions 
 
The theory developed in this chapter explains most of the experimental results very well and 
is useful in optimising the process of reactive extrusion. The theory states that for a stable 
reactive extrusion process, the existence of a plug of completely reacted material just before 
the die is very important. If this plug is not present, the required conversion might not be 
achieved; if the plug is too small, a small disturbance in extruder parameters can lead to 
instabilities in the process. A too big plug leads to an unnecessary energy input into the 
material. The formation of the plug depends on either the extruder parameters and product 
properties, such as polymerisation rate and polymer melt viscosity.  
The die resistance is the most powerful extruder parameter to create a plug. Moreover, it is a 
very useful tool to overcome stability problems. Nevertheless, the die resistance accounts for 
limitations in throughput, which results in the throughput being a variable instead of a 
standard process parameter. The die resistance needed for creating the plug is defined as the 
Minimum Die Resistance and is dependent on product parameters, and to a lesser degree on 
process parameters.  
The limitation in throughput in reactive extrusion, when compared with normal extrusion 
processes, can be explained by the large change in viscosity of the material when it travels 
from feed zone to die end due to polymerisation. The limitations are less troublesome when 
the extruder is used as a polymerisation reactor for fast polymerisations or when a 
prepolymerisation is performed.  
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Chapter 8 

 
The synthesis of PS, HIPS and PS/PPE via 

reactive extrusion 
 
 
This chapter describes the possibilities of reactive extrusion for making polymer blends. In 
contrary to the forgoing chapters, only styrene is used as monomer. There are several 
reasons for doing so. The first reason is that polystyrene (PS) is a more familiar polymer 
than the styrene-n-butylmethacrylate (St-BMA)-copolymer. Secondly, PS possesses better 
properties, especially thermal properties. The third reason is that PS is able to form a 
homogeneous polymer blends with PPE (poly-2,6-dimethyl-1,4-phenylene oxide), while 
polymers consisting of St and BMA are not able to do so.  
This chapter covers three different subjects: the synthesis of polystyrene, especially low 
molecular weight grades, the synthesis of rubber modified polystyrene and the synthesis of 
PS/PPE blends. The objective of this chapter is to outline the possibilities of synthesising 
blends by reactive extrusion. Therefore, most attention is focused on product properties, 
rather than process characteristics.  
 
 
8.1 Reactive extrusion of styrene 
 
This section describes the radical polymerisation of styrene in the extruder. When compared 
to St-BMA, the rate of polymerisation of St is half the polymerisation rate of St-BMA 
(chapter 3). The polymer melt viscosity is much larger, which could be seen from the die 
pressures. The lower reaction rate could result in a more difficult process than the reactive 
extrusion process of St-BMA, but the larger polymer melt viscosity could compensate for 
this effect. After the styrene polymerisation had been studied under standard extrusion 
conditions, the initiator concentration was increased in order to obtain low molecular weight 
grades. The initiators used were the same as in chapter 4 (30 % BPO, 70% Trigonox C). 
Furthermore, the effect of a chain transfer agent was studied. Since the samples consisted of 
pure polystyrene, the molecular weights obtained by GPC were real molecular weights.  
The experimental set-up used was as described in chapter 4. In order to compare the 
polymerisation of styrene to the polymerisation of St-BMA, the same extruder settings were 
used. This means that the temperature profile was 120-120-130-140-145 °C, the screw 
rotation rate was 28 rpm, and the reciprocal die resistance was set to 7.4 10-11 m3.  
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8.1.1 The effect of the extruder parameters on the polymerisation of St 
Styrene could be polymerised radically in an extruder up to high conversions. However, at 
the temperature profile applied, the throughput was lower than in the case of St-BMA 
(6 g/min instead of 7 g/min). The lower polymerisation rate accounts for this effect. 
Remarkably is the decreased dependence on the extruder parameters (figures 8.1 and 8.2) 
compared to St-BMA.  
 

 
   
Fig. 8.1 The effect of the die resistance on the conversion (■ St, ▲ St-BMA) 
 

 
   
Fig. 8.2  The effect of the screw rotation rate on the conversion (■ St, ▲ St-BMA) 
 
When styrene is polymerised instead of St-BMA, the die pressure is significantly higher. For 
example, when St is fed to the extruder, die pressures up to 150 bar could be obtained, while 
when St-BMA is polymerised, the die pressure did not exceed 40 bar. This increased 
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polymer melt viscosity explains the decreased dependence on the extruder parameters as 
shown in figures 8.1 and 8.2 (chapter 5). This decreased dependence implies that for St 
further optimisation is possible. For example, a steeper temperature profile will result in a 
higher throughput, in contrary to St-BMA, since that process is strongly dependent on 
extruder parameters. The steeper temperature profile is therefore applied in sections 8.2 and 
8.3 where only St is used as monomer.  
The comparison of St to St-BMA shows a second remarkable effect, namely the maximum 
conversion. Styrene could be polymerised up to a conversion of almost 99% (98.6%), while 
in the case of St-BMA the highest conversion was 96.3 %. Even when 20 mole% of the 
BMA was replaced by Mah, the maximum conversion was lower (97.1%) than the 
conversion obtained in the case of St. Jongbloed (1995a) also found a limited conversion of 
96% for the very fast copolymerisation of two methacrylates. These limitations indicate the 
importance of the ceiling temperature as described by Dainton (1958). It is known in 
literature (Bamford 1976) that methacrylates posses a relatively low ceiling temperature, 
which means that the influence of thermo-dynamic limitations is most pronounced for these 
components. Bywater (1955) found for methylmethacrylate an equilibrium monomer 
concentration of 0.3 mol/l at 132 °C, which was independent of the amount of polymer 
formed after reaction. This implies that for a bulk polymerisation, the maximum attainable 
conversion is roughly 97% at that temperature. Since BMA is a methacrylate, it is very 
probable that the maximum conversion for BMA is also limited to a value in the 
neighbourhood of 97%. For styrene, the thermo-dynamic limitation is less troublesome 
(Dainton 1958). Our experiments confirm the theory of Dainton, since the conversion of 
styrene is higher than the conversion of the monomer mixture in which some BMA was 
present.  
The conversions of three St-samples were also determined by using a method in which the 
amount of unreacted St is measured by using Gas Chromatography (GC). When the 
conversions of both methods are compared, the conversions determined by GC were around 
2% higher. For the sample with a conversion of 98.6%, we found about 1000 ppm St by GC, 
which is of course a promising result. The differences in conversion are probably due to 
some volatile components, which result in a decrease in conversion when it is determined 
gravimetrically. The volatile components are not identified yet, which makes further 
research necessary for estimating the actual conversion.  
 
8.1.2 The effect of the initiator concentration on the molecular weight of the polymer. 
The molecular weight of a polymer influences the properties and usefulness of polymer 
significantly. Low molecular weights polymers are used in waxes and paintings for adjusting 
flow properties, while high molecular grades can be used as engineering plastics.  
Table 8.1 shows the results of the experiments in which the initiator concentration was 
increased to obtain a low molecular weight polymer. An initiator concentration of 4 
mmol/mol St1 was the standard initiator concentration as used in most other experiments. It 

                                                 
1An initiator concentration of 4 mmol/mol St in the case of the polymerisation of St corresponds to a 
concentration of 8 mmol/mol St in the case of a St-BMA copolymerisation. 
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can be observed that an increase in initiator concentration resulted in a lower molecular 
weight, but an increased poly-dispersity P (=Mw/Mn). Actually, the polydispersity obtained 
at an initiator concentration of 4 mmol/mol St was remarkably small. The experiments show 
that the initiator concentration is a powerful tool to decrease the molecular weight. However, 
for molecular weights lower than indicated in this table, the amount of initiator necessary 
becomes quite large.  
 
Table 8.1 The effect of the initiator concentration [I] (N = 28 rpm, K = 1.74 10-11 m3) 
 

[I] 
(mmol/mol St) 

conv. 
(%) 

Mw 
(kg/mol) 

Mn 
(kg/mol) 

P 
(-)  

4.0 98 81 52 1.6 
12 97 46 21 2.2 
24 97 30 10 2.9 

 
8.1.3 The effect of a chain transfer agent 
Chain transfer is a process in which a growing polymer chain with a free radical removes an 
atom from a (small) molecule, resulting in an inactive polymer molecule and a new radical. 
The ratio of the rate constants for reaction with the chain transfer agent and a new monomer 
molecule is known as the transfer coefficient Ct. Generally, the addition of a chain transfer 
agent leads to a polymer with a lower molecular weight. The effect of the chain transfer 
agent on the degree of polymerisation can be described by: 
 

 
][
][11

0, M
CTC

PP t
nn

+=   (8.1) 

 
The chain transfer agent used in this study is t-dodecylmercaptane (1-dodecanethiol, 
C12H25SH). In the case of styrene, its chain transfer coefficient Ct is around 17 (Gregg 1949, 
Brandrup 1989).  
 
Table 8.2 The effect of a transfer agent on the molecular weight (N = 28 rpm,  
 K = 1.74 10-11 m3, standard temperature profile) 
 

[I] 
(mmol/mol 

St) 

[CT] 
(mmol/mol 

St) 

conv. 
(%) 

Mw 
(kg/mol) 

Mn 
(kg/mol) 

P 
(-) 

4.0 0 98 81 51 1.6 
4.0 0.5 96 81 43 1.9 
4.0 1.8 85 73 40 1.8 
12 0 97 46 21 2.2 
12 1.8 96 39 20 1.9 
12 4.1 96 42 22 1.9 
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Table 8.2 shows the results in which t-dodecylmercaptane was applied in order to obtain 
lower molecular weights. The effect of the chain transfer agent on the molecular weight was 
remarkably small, but it influences the process quite negatively due to decreasing the 
polymerisation rate and polymer melt viscosity. Therefore, it can be concluded that t-
dodecylmercaptane is not a very useful tool for influencing the molecular weight in this 
reactive extrusion process. 
 
 
8.2 The synthesis of PS/PPE blends 
 
To improve the thermal properties of polystyrene, PPE is added to polystyrene. PPE is an 
orange-red polymer with a glass transition temperature of 220 °C and is completely miscible 
with PS. The addition of PPE to PS results in a polymer blend with a higher glass transition 
temperature (Yee 1977) than polystyrene. Several authors gave a relation for the glass 
transition temperature versus the amount of PPE (Shultz 1972, Stoelting 1970). For a 
homogeneous blend of PPE and PS, the glass transition temperature Tg of the blend is given 
by (Shultz 1972): 
 

 273
483362

1 1

−





 +−=

−wwTg   (8.2) 

 
in which w is the weight fraction PPE. This relation is developed for determining the glass 
transition temperature by DSC measurements. The authors used a scan speed of 20 °C/min. 
A second effect of the addition of PPE is an improvement in tensile strength of the PS/PPE 
blend.  
Due to the large differences in glass transition temperature, and therefore large viscosity 
differences, the mixing of the polymers PS and PPE is quite difficult. This difficulty can be 
overcome by dissolving PPE in the monomer styrene. After dissolving, styrene is 
polymerised to polystyrene leading to a homogeneous polymer mixture of PS and PPE. The 
advantage of this method is that the amount of mechanical energy needed for obtaining the 
blend is low, which decreases the risk of degradation during mixing.  
 
8.2.1 Experimental 
The extruder and its equipment are described in chapter 4. In these experiments, PPE was 
dissolved in styrene and placed in the stirred tank reactor. In the other vessel, the initiators 
were dissolved in styrene. The initiators used were Trigonox 29C50, Trigonox C, and 
Trigonox T in the molar ratio of 1:1:2. The applied temperature profile was 120-135-145-
155-160 °C, while the screw rotation rate was set to 27 rpm. The die resistance was chosen 
in such a way, that the conversion of the product was high (roughly 95%). The throughput 
was in most experiments 6 to 7 g/min. The conversion was determined gravimetrically.  
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PPE could be dissolved in styrene to an amount of 30 wt% when the mixture was heated to 
60 °C. When this mixture was polymerised in a flask, a clear light yellow material was 
obtained. For comparison, when a mixture of St-BMA was used in stead of St, a opaque pale 
yellow solid was obtained, indicating phase separation (Gottschalk 1994). 
The glass transition temperatures were obtained by DSC-measurements using a scan speed 
of 10 °C/min. The molecular weight distribution is measured by GPC as described in chapter 
4. 
 
8.2.2 Results 
Reactive extrusion turned out to be a good tool for synthesising blends of PPE and PS. 
Compared to the polymerisation of St or St-BMA, the process was stable and high 
conversions could be readily obtained (95-98%). However, the maximum throughput was 
still quite low.  
The product that left the extruder was completely clear, which indicated complete mixing. 
The product was more coloured than the product obtained by polymerisation in a flask. 
Probably, the mechanical treatment of the material by the extruder resulted in some 
degradation, leading to a more coloured product due to the formation of quinones (White 
1981). Thermal degradation is not very likely to occur, since PPE is very stable at 
temperatures up to 300 °C (Factor 1969).  
The results of the experiments are given in table 8.3 and figure 8.3. Due to the addition of 
PPE, an increase in glass transition temperature can be observed.  
 

 
   
Fig. 8.3 The effect of PPE on the glass transition temperature of the polymer blend. The line 
 is described by equation 8.2  
 
However, this increase is not linear, but a strong second effect occurs. This effect is due to 
the molecular weight of the polystyrene formed during extrusion. For example, experiments 
6, 7 and 8 contain more or less the same amount of PPE. However, during extrusion a 
different amount of initiator was added, which resulted in different molecular weights. These 
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differences resulted in different glass transition temperatures. The blends in which PS was 
synthesised with an Mw lower than 100 kg/mol are indicated with open dots. These blends 
showed a significantly lower Tg. The line plotted in figure 8.3 indicates the Shultz relation as 
expressed by equation 8.2. It can be seen that if the PS possesses a reasonably molecular 
weight, the experimental Tg  fits rather well with the theoretical value.  
To investigate the effect of crosslinking on the glass transition temperature, divinylbenzene 
was added to styrene (1.5 mmol/mol St). Crosslinking styrene, in which 10 wt% PPE was 
dissolved, did not influence the glass transition temperature. However, a gel fraction of 30 to 
45% was obtained, dependent on the amount of initiator added. For a St-BMA-copolymer, 
Schellenberg (1993) found comparable results.  
PPE improved also the tensile strength of the polymer blend. Due to the rather low 
molecular weight of the PS formed via extrusion, it was not possible to obtain useful 
samples for tensile strength measurements of pure PS. The samples were too weak for these 
determinations. However, after the addition of 21% PPE (exp. no. 11), a tensile strength of 
45 MPa was obtained, which value is comparable to industrial polystyrene grades.  
 
Table 8.3 Results reactive extrusion experiments with PPE dissolved in St 
 

Exp. no. wt% PPE [I] 
(mmol/mol St)

conv 
(%) 

Tg  
(°C) 

Mw  
(kg/mol) 

Mn  
(kg/mol) 

1 0 6 95 90 102 46 
2 5.8 5 95 95 106 44 
3 8.8 7 95 95 54 26 
4 9.7 4 94 95 56 23 
5 10.2 2 95 102 135 57 
6 13.7 5 98 98 120 51 
7 14.1 4 97 101 130 53 
8 14.8 2 98 105 157 69 
9 19.2 6 98 40 98 40 
10 20.3 4 97 107 126 52 
11 20.9 3 97 106 134 49 

 
 
8.3 The synthesis of HIPS via reactive extrusion 
 
Due to its brittleness, polystyrene is often modified to improve its impact strength by the 
addition of about 7 wt% polybutadiene (PBD). This PBD can be blended with polystyrene, 
but more often it is added to styrene, which can be polymerised thermally in bulk processes. 
The temperature in this process ranges from 85 to 110 °C, so the polymerisation is quite 
slow. Some grafting of styrene onto the PBD is likely to occur (Ku 1988b).  
The particle size of the rubber component in the polystyrene matrix is an important 
parameter. For polystyrene, the size of the rubber particles should be at least 1 mm. If the 
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particle size is smaller, hardly any toughening effect will be observed (Hobbs 1986, 
Dagli 1995). 
In this study, PS was modified with a styrene-butadiene-styrene-triblock copolymer (SBS). 
This polymer was used, since it dissolves rather well in styrene. The SBS used had a 
molecular weight of 100 kg/mol and consisted of 29 wt% polystyrene, which was equally 
divided over the two endgroups of the polymer. The polydispersity P of the rubber was 
almost equal to 1. 
 
8.3.1 Experimental 
The extruder and its equipment are described in chapter 4. In these experiments, SBS was 
dissolved in styrene and placed in the stirred tank reactor. In the other vessel, the initiators 
were dissolved in styrene. The initiators used were Trigonox 29C50, Trigonox C, and 
Trigonox T in the molar ratio of 1:1:2. The applied temperature profile was 120-135-145-
155-160 °C, while the screw rotation rate was set to 28 rpm. The reciprocal die resistance 
was set to 1.7 or 7.4 10-11 m3. The throughput was in most experiments 5 to 6 g/min. PBD 
dissolved easily in styrene to an amount of 30 wt% if the mixture was heated to 60 °C.  
The impact strength of the polymer blends was measured on a Pendulum Impact tester 
(Zwick 5102/155741), according to method ASTM D 256. The error in these measurements 
can be quite high (up to 25%). The gel fractions of the polymer blends were obtained via 
soxlet extraction as described in chapter 4.  
Besides blends via reactive extrusion, some physical blends were made through calandering 
at 150 °C for about 10 min. The impact strengths of these blends were compared to the 
impact strength of the samples obtained by reactive extrusion. 
 
8.3.2 Results 
The polymerisation of St, in which SBS was dissolved, turned out to be possible in the 
extruder. The process was quite stable, while conversions of 90% were obtained. The 
product was pale white. Compared to the PS/SBS-blends as obtained by physical blending, 
the white colour was less intense, which indicates that the dispersion of the rubber obtained 
via reactive extrusion was finer.  
The effect of the addition of SBS on the impact strength is shown in figure 8.4. The figure 
indicates that not only the impact strength of the reactive extrusion samples is lower, but 
also the increase in impact strength due to the addition of SBS is much lower. The larger 
impact strength of the samples obtained by calandering can be explained by the fact that for 
the physical blends, an industrial polystyrene grade was used. This PS had much better 
properties, due to the higher molecular weight (Mw = 550 kg/mol, Mn = 330 kg/mol). The 
strength of pure PS obtained by reactive extrusion was so low that the determination the 
impact strength was not possible, when no rubber was added. Although it is possible that the 
polystyrene possessed a too low molecular weight for improving the impact strength by the 
addition of rubber, we investigated two other aspects that can explain the small increase in 
impact strength, namely the grafting and the degree of dispersion of the rubber. 
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Fig. 8.4 The impact strength versus the amount of SBS added (■ blends obtained via 
 calandering, ▲ blends obtained via reactive extrusion) 
 
An indication of the amount of grafting can be obtained by measuring the gel fraction in the 
polymer. Grafting can result in polymer networks that do not dissolve anymore, which 
means that a higher gel fraction implies more grafting.  
 

 
   
Fig. 8.5 The effect of the rubber content in the feed on the gel fraction formed in the 
 polymer 
 
Figure 8.5 shows the effect of the amount of SBS-rubber added to styrene. More rubber 
resulted in a larger gel fraction. The spread in gel fractions can be explained by the 
inaccuracy in the determination on one hand (chapter 5) and by the differences in initiator 
concentration other hand. The effect of the initiator concentration is shown in figure 8.6. A 
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higher initiator concentration results in a larger gel fraction. Although the average chain 
length decreases, the extra grafting obviously results in a larger non-soluble part of the 
polymer. 
 
 

 
   
Fig. 8.6 The effect of the initiator concentration on the gel fraction in the polymer 
 
 
The dispersion of the rubber phase in the polystyrene matrix was studied by using scanning 
transmission electron microscopy (STEM). Before analysing, the samples were treated with 
osmium-tetroxide. As a result of this, the rubber-phase became dark on the photos. The 
photos are shown in figures 8.7 and 8.8. It can be seen that in both samples, the dispersion of 
the rubber phase is very fine, but there are differences in shape and size of rubber particles. 
In the samples obtained by calandering, the rubber particles are more or less spherical and 
have a diameter of 40 to 100 nm. In the sample obtained by extrusion, the particles are 
elongated. The length of the particles varies from 30 to 100 nm, but the width is generally 
limited to 10 nm. In other words, the dispersion of the rubber is finer after extrusion. 
In both samples, the size of the particles is smaller than 1 mm. Therefore, hardly any 
toughening was expected. As can be seen in figure 8.4, this effect is experimentally 
observed. Toughening effects are only observed in the case of the samples obtained by 
calandering in which 10 wt% or more rubber was added. Obviously, only in these samples, 
the particle size of the rubber is large enough for enhancing the impact strength. 
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Fig 8.7 STEM-photo of the St-SBS blend obtained by calandering (SBS-fraction 5.0%) 
 
Table 8.4 Results of the experiments in which SBS was added to styrene 
 

Exp. no. SBS 
(wt%) 

[I] 
(mmol/mol St)

conv. 
(%) 

gel fraction 
(%) 

impact strength 
(kJ/m2) 

1 2.3 6 88 7 0.56 
2 2.5 1 96 8 0.50 
3 3.4 3 90 2 0.42 
4 4.1 6 90 19 0.65 
5 4.2 7 85 20 0.70 
6 4.5 2 89 7 0.74 
7 4.6 5 94 16 0.44 
8 4.7 1 91 6 0.72 
9 6.8 7 96 26 0.48 
10 14.3 6 94 44 0.84 
11 18.5 8 92 62 0.59 
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Fig 8.8 STEM-photo of the St-SBS blend obtained by reactive extrusion (SBS-fraction 
 4.6%, exp. no. 7) 
 
 
8.4 Conclusions 
 
Styrene can be polymerised in an extruder up to high conversions via a radical mechanism. 
Compared to the copolymerisation of St-BMA, the maximum conversion was almost 2% 
higher (98.6%) and the process was more stable. The higher conversion is most likely due to 
fact that thermo dynamic limitations are more pronounced in the case of St-BMA.  The 
conclusion in chapter 4, that not only the polymerisation rate determines the working 
domain, but also other factors such as polymerisation melt viscosity is confirmed by the 
experiments described in this chapter. The molecular weight of the polymer can be strongly 
influenced by the initiator concentration, while the influence of the chain transfer agent t-
dodecylmercaptane is remarkably small. 
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Reactive extrusion is a very suitable method for synthesising very fine dispersed polymer 
blends. The main advantage of the method described in this chapter is the low amount of 
shear that is put in the polymer blends. Besides, this method offers new opportunities, for 
example blending and simultaneously crosslinking.  
In the case of St/PPE, reactive extrusion turns out to be suitable for synthesising these 
blends. The glass transition temperature of the blends obtained increases, and also the tensile 
strength improves significantly. In the case of St/SBS, the very fine dispersion of the rubber 
component results in a poor improvement of the impact strength.  
 
 
Nomenclature 
 
BMA n-butylmethacrylate 
Ct chain transfer coefficient - 
CT chain transfer agent 
DVB divinylbenzene 
I initiator 
K reciprocal die resistance m3 
M monomer 
Mn number average molecular weight kg/mol 
Mw weight average molecular weight kg/mol 
N screw rotation speed s-1 
P = Mw/Mn, polydispersity - 
Pn degree of polymerisation with chain transfer agent - 
Pn,0 degree of polymerisation without chain transfer agent - 
PBD polybutadiene 
PPE poly-2,6-dimethyl-1,4-phenylene oxide 
PS polystyrene 
SBS styrene-butadiene-styrene triblock polymer 
St styrene 
Tg glass transition temperature °C 
w weight fraction (PPE) - 
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Chapter 9 

 
Conclusions 

 
 
9.1 The extruder as a polymerisation reactor 
 
The counterrotating twin screw extruder can be used as a polymerisation reactor for the 
synthesis of polystyrene, styrene-n-butylmethacrylate-copolymer and several related 
polymer blends. In one step, a conversion of 95 to 99% is possible, when styrene (St) or 
styrene-n-butylmethacrylate (St-BMA) is polymerised by means of a radical mechanism. To 
obtain this conversion, a high die resistance is necessary, as a result of which the throughput 
is limited.  Besides, the throughput is limited by the large viscosity differences of the 
material inside the extruder when it travels from feedzone to die end. Therefore, the 
throughput is more or less a variable rather than a primary parameter. 
The working domain of the extruder is defined as the range of the extruder parameters in 
which a sufficient conversion is obtained in a stable process. Experiments in this thesis 
showed that this operating window is strongly influenced by material parameters, especially 
polymerisation rate and polymer melt viscosity.  
Prepolymerisation enlarges the working domain due to the reduced reaction time and 
increased feed viscosity. Therefore prepolymerisation is, especially in the case of St or St-
BMA, highly advisable.  
Crucial in explaining the results is the question whether or not a plug of completely reacted 
material is present before the die. If this plug is not present, the required conversion will not 
be achieved. A large plug leads to sufficient conversion, but the extruder volume is not used 
economically in that situation. Besides, the energy input is unnecessary high. However, for a 
stable process, a certain plug seems necessary. The die resistance is the most powerful tool 
for creating a plug of completely reacted material.  
The theory, developed in this study, is very useful in optimising the extruder when it is used 
as a polymerisation reactor.  
 
 
9.2 Conclusions concerning product properties 
 
The extruder can be used for synthesising polymers of St and St-BMA with a weight average 
molecular weight (Mw) that ranges from 30 to 200 kg/mol. This range makes the extruder 
promising for synthesising either materials, which can be used for resin additives as well as 
for engineering plastics. The molecular weight is strongly influenced by initiator 
concentration and to a lesser degree by the barrel temperature. Other extruder parameters 
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such as screw rotation rate and die resistance hardly influence the molecular weight or the 
influence is unpredictable. A faster polymerisation results in a higher molecular weight. The 
effect of the chain transfer agent t-dodecylmeraptane is remarkably small in the case of St.  
Slight crosslinking is possible by means of reactive extrusion. Via reactive extrusion, 
polymers with a gel fraction of around 60% can be easily obtained. A very small amount of 
crosslink agent is a method to increase the molecular weight of the polymer, without 
obtaining a non-soluble gelfraction.  
Reactive extrusion is also a useful tool for synthesising polymer blends. The polymerisation 
of St in which PPE (poly-2,6-dimethyl-1,4-phenylene oxide) is dissolved yields a transparent 
polymer blend, which indicates complete mixing of the polymers. The addition of a rubber 
component (SBS) results also in a fine dispersion of the polymer in the newly formed 
matrix. However, due to this fine dispersion, the improvement in impact strength is rather 
poor.  
 
 
9.3 Conclusions concerning the theory of the extruder 
 
The experiments in chapter 2 show that, although the counterrotating twin screw extruder 
has been studied quite often, a predictive model for the residence time distribution (RTD) for 
this type of extruder is not available yet. This study showed that a good prediction of the 
mean residence time can be obtained by multiplying the number of fully filled chambers that 
is predicted by theory by a factor 1.3 and by taking into account the total non-pressure 
driven leakage flows in the partially filled zone. 
For describing the RTD of an extruder, the theory described by Chen (1993, see chapter 2) 
seems very promising. This theory calculates the RTD of the extruder by using the RTD of 
one single chamber. However, for a good estimation of the RTD of one C-shaped chamber, 
three-dimensional flow simulations in combination with particle tracking should be used. 
The method as described by Chen can also be useful for modelling the extruder as a 
polymerisation reactor. However, since the throughput is not a parameter with a defined 
value in reactive extrusion, the modelling of the extruder as a polymerisation reactor will 
consume a lot of computing time.  
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Summary 
 

The extruder as a polymerisation reactor 
for styrene based polymers 

 
 
This thesis describes the counterrotating twin screw extruder as a polymerisation reactor for 
styrene based polymers. The use of the extruder as a polymerisation reactor offers new 
possibilities for synthesising polymers and polymer blends without using any solvents, 
which makes the process environmentally friendly. Since previous research showed the 
closely intermeshing counterrotating twin screw extruder to be the most stable 
polymerisation reactor, this type of extruder was used during the whole study. Furthermore, 
the average shear level is low in a counterrotating twin screw extruder, which prevents 
degradation of the newly formed polymer to occur. Styrene is chosen as main component 
since it is a well-known and versatile monomer.  
The study described in this thesis covers three different subjects:  
1. The general theory of counterrotating twin screw extruders; 
2. The extruder as a polymerisation reactor: The product properties; 
3. The extruder as a polymerisation reactor: The process characteristics. 
 
 
The counterrotating twin screw extruder 
 
The counterrotating twin screw extruder can be considered as series of C-shaped chambers 
that move towards the die due to the rotation of the screws. The transport of the material 
through the extruder is by positive displacement, which is a mechanism that is relatively 
independent of the rheological behaviour of the material. Leakage flows, which are partly 
pressure driven and partly mechanically induced, account for interaction between the 
chambers. Characteristic for this extruder is the fact that it is starved fed, which leads to a 
partially filled zone.  
Besides a partially filled zone, a fully filled zone exists. This zone is the pump zone of the 
extruder. Its length is determined by throughput, geometry of the screws and die pressure. 
This die pressure is dependent on viscosity, throughput and die resistance.  
Until now, the die resistance was derived from theory. However, to be able to validate 
theory by experiments, the die resistance has to be measured. Therefore, the die resistance 
was determined experimentally. Based on these results, the residence time measurements 
show that the theory underestimates the length of the fully filled zone by roughly 30%.  
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Also the degree of fill in the partially filled zone is studied. It appeared that a good 
estimation of the degree of fill can be obtained if all non-pressure driven leakage flows are 
taken into account. This result, combined with the newly determined length of the fully 
filled zone, makes a good prediction of the mean residence time possible.  
 
 
The extruder as a polymerisation reactor 
 
The extruder is studied as a polymerisation reactor in chapters 4 to 8. Starting point of the 
research is the radical copolymerisation of styrene (St) and n-butylmethacrylate (BMA). 
Kinetics investigations show that this copolymerisation is slower than the 
bulkpolymerisation of BMA, but faster than the polymerisation of St.  
 
The product properties 
The copolymer consisting of St and BMA has a slightly alternating tendency. The polymer is 
transparent and possesses a glass transition temperature of 30 °C. Dependent on reaction 
conditions, it was possible to synthesise St- or St-BMA-polymers that possess a weight 
average molecular weight varying from 30 to 200 kg/mol. The molecular weight was mainly 
influenced by the initiator concentration and by the temperature profile along the barrel. 
Furthermore, it turned out that the extruder can be used for making slightly crosslinked 
polymers. The maximum conversion for St was almost 99%, while for St-BMA the 
maximum conversion was 96%. This difference is most likely due to differences in 
thermodynamic limitations in the two polymerisations mentioned.  
Besides St and St-BMA, also a terpolymer consisting of St-BMA-Mah (maleic anhydride) 
was investigated. The maximum conversion was approximately 97%, while the molecular 
weight of the polymer was higher than the molecular weight of the St-BMA copolymer, 
when it was produced under similar conditions. The addition of Mah resulted in a faster 
polymerisation, and the polymer formed was pale white. 
Apart from the polymerisations mentioned above, the extruder was used for synthesising 
polymer blends based on styrene. To improve the thermal properties of polystyrene, PPE 
(poly-2,6-dimethyl-1,4-phenylene oxide) was added to the monomer St. After the 
polymerisation of St, a homogeneous blend was obtained with a higher glass transition 
temperature than polystyrene. In order to improve the impact strength, some rubber was 
added to St. However, due to the fine dispersion of the rubber after polymerisation, the effect 
of the rubber on the impact strength was negligible.  
 
The process characteristics 
As the previous section suggested, the extruder can be used as a polymerisation reactor for 
the aforementioned polymers and polymer blends. The starting point of the research was the 
copolymerisation of St and BMA. Due to its relatively low polymerisation rate, the process 
of reactive extrusion was rather difficult to perform. For sufficient conversion, a high die 
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resistance was needed as a result of which the throughput was strongly limited. This severely 
restricted the working domain of the extruder. 
The operating window of the extruder could be enlarged by performing a prepolymerisation, 
by crosslinking the St-BMA-copolymer, and by the addition of Mah to the monomer 
mixture. The effect of crosslinking is most remarkable, since crosslinking did not influence 
the polymerisation rate. The larger working domain after prepolymerisation or in the case of 
a faster polymerisation, which was obtained by replacing BMA by Mah, was more or less 
expected. A larger working domain meant higher throughputs and a decreased dependence 
on extruder parameters, such as die resistance and screw speed. 
A stable reactive extrusion process that yields sufficient conversion will be obtained if a 
plug of completely reacted material exists in and before the die. If the plug is not present, the 
required conversion will not be achieved. The most economical use of the extruder is when a 
plug of minimal size is present. However, stability problems are very likely to occur in that 
situation.  
The die resistance is a the most powerful tool in creating a plug. The minimum die resistance 
needed for creating a plug is mainly dependent on product properties. For reasons of 
comparison the various processes, this die resistance should be known quantitatively.  
The limitations in throughput can be explained by the large viscosity differences of the 
material when it travels from feed zone to die end. However, prepolymerisation or a fast 
polymerisation reduce the limitations in throughput.  
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Samenvatting 

 
De extruder als polymerisatiereactor voor 

polymeren op basis van styreen 
 
 
Dit proefschrift beschrijft het onderzoek naar de extruder als polymerisatiereactor voor 
polymeren op basis van styreen. In de samenvatting wordt eerst ingegaan op de extruder, 
vervolgens op styreen en zijn toepassingen en tenslotte op de extruder als polymerisatie-
reactor.  
 
 
Wat is een extruder? 
 
Een extruder is een apparaat dat al sinds lange tijd wordt toegepast in de kunststoffen- en 
voedingsmiddelenindustrie. In de voedingsmiddelenindustrie wordt de extruder veel 
toegepast voor de produktie van allerlei pastaprodukten, terwijl in de kunststoffenindustrie 
het apparaat wordt gebruikt voor het opsmelten en het vormgeven van vast polymeer (plastic 
in de volksmond). Omdat de extruder een continu apparaat is (dat wil zeggen dat zonder 
onderbreking materiaal aan het apparaat wordt toegevoerd) is de extruder bijzonder geschikt 
voor de produktie van buizen, kozijnen enz.  
 

 
 
Schematische voorstelling van een extruder 
 
 
De oudste extruder is de zogenaamde enkelschroefextruder. Deze extruder bestaat uit een 
rond schroefhuis waarin zich één schroef bevindt (zie figuur). Door de beweging van de 
schroef wordt materiaal van de voedingszone van het apparaat naar de spuitkop 
getransporteerd onder invloed van meesleuring. Het materiaal in de extruder kan via de 
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wand en/of de schroef verwarmd of gekoeld worden. Verder vindt in de extruder opwarming 
van het materiaal plaats onder invloed van wrijving. Omdat materialen die in de extruder 
verwerkt worden meestal nogal visceus (stroperig) zijn, is deze opwarming door wrijving, 
die visceuze dissipatie wordt genoemd, een factor om terdege rekening mee te houden. De 
enkelschroefextruder is relatief goedkoop en wordt om deze reden veruit het meeste 
toegepast in de industrie.  
Naast enkelschroefextruders bestaan zogenaamde dubbelschroefextruders. In het acht-
vormige schroefhuis van deze apparaten bevinden zich twee schroeven. Deze extruders zijn 
veel duurder dan enkelschroefextruders (3 à 4 maal zo duur), maar worden toegepast 
vanwege een aantal specifieke voordelen. Zo is het pompend en transporterend vermogen 
van de dubbelschroever onafhankelijker van het materiaal in de extruder en kan de menging 
beter gecontroleerd worden. Dubbelschroefextruders kunnen worden onderverdeeld in mee- 
en tegendraaiend. Het laatste type kan weer worden onderverdeeld in nauwsluitend en niet-
nauwsluitend. Nauwsluitend betekent dat de ruimte tussen de beide schroeven gering is (ze 
sluiten nauw). De nauwsluitende tegendraaiende dubbelschroefextruder is het type waarmee 
gedurende het gehele onderzoek is gewerkt. Deze extruder is reeds bestudeerd door een 
drietal voorgangers, te weten: J.A. Speur (1984-1988), K.J. Ganzeveld (1988-1992) en 
H.A. Jongbloed (1990-1995) 
Een belangrijk verschil tussen dubbelschroefextruders en enkelschroefextruders is de wijze 
waarop de hoeveelheid materiaal verwerkt per tijdseenheid (doorzet) bepaald wordt. Bij 
enkelschroefextruders wordt de doorzet bepaald door de extruder zelf, terwijl bij 
dubbelschroefextruders het voedingsapparaat de doorzet bepaalt. Als gevolg hiervan is de 
enkelschroefextruder volledig gevuld; de dubbelschroefextruder bevat een niet geheel 
gevulde zone.  
 
 
De tegendraaiende nauwsluitende dubbelschroefextruder 
 
Het systematische onderzoek naar de nauwsluitende dubbelschroefextruder is opgestart door 
Janssen in de jaren '70, die in zijn promotie-onderzoek de fundamentele principes van deze 
extruder heeft onderzocht. De verschillende fysische processen werden in zogenaamde 
Interactiediagrammen schematisch weergegeven. Het hoogtepunt van deze studie is de 
ontwikkeling van de zogenaamde lekstroomformules geweest. 
In een nauwsluitende tegendraaiende dubbelschroefextruder blokkeert de rug van de ene 
schroef het doorlopend kanaal van de andere schroef (zie figuur op de volgende bladzijde). 
Hierdoor ontstaan in de extruder gescheiden kamers, die min of meer de vorm van een 
hoofdletter C hebben. De kamers en daardoor het materiaal in die kamers worden door het 
draaien van de schroef naar voren getransporteerd. Het materiaal wordt als het ware naar 
voren verdrongen, hetgeen de naam voor het transportmechnisme verklaart: verdringend 
transport. Om mechanische redenen (de schroeven moeten kunnen draaien) kan zo'n kamer 
niet volledig afgesloten zijn, als gevolg waarvan lekstromen ontstaan. Lekstromen ontstaan 
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door meesleuring aan de bewegende wanden (het materiaal blijft als het ware plakken) en 
door drukverschillen tussen de kamers. 
 
 

 
 
Nauwsluitende tegendraaiende schroeven 
 
De doorzet van een dubbelschroefextruder wordt bepaald door het voedingsapparaat. Voor 
vaste stoffen (bv. polymeerkorrels) is dat een hopper, voor vloeistoffen een pomp. De 
doorzet is meestal lager dan de extruder feitelijk aankan, zodat een niet gevuld gedeelte 
ontstaat. Voor de spuitkop bevindt zich een geheel gevulde zone, waarvan de lengte bepaald 
wordt door grootte van de spuitkopweerstand. Opmerkelijk is echter dat in de literatuur tot 
nu toe deze spuitkopweerstand nooit bepaald is, waarschijnlijk omdat de vorm van de kop 
(die de vorm van het uitstromende materiaal bepaalt) belangrijker geacht wordt. Als gevolg 
hiervan is naar de gevulde lengte gegist, dan wel is deze experimenteel bepaald.  
In dit proefschrift is de spuitkopweerstand kwantitatief bepaald. Dit houdt in dat de 
theoretisch berekende gevulde lengte experimenteel gecontroleerd kan worden. 
Experimenten geven aan dat de theorie de werkelijke lengte enigszins onderschat. De 
werkelijke lengte is ongeveer 30% groter. 
Een ander punt van onderzoek is de vulgraad in de deels gevulde zone. Deze vulgraad is 
belangrijk te weten, omdat een grotere vulgraad betekent dat materiaal langer in de extruder 
verblijft. Door een spuitkop met lage weerstand aan de extruder te koppelen, kan de 
vulgraad bepaald worden. Experimenten geven aan dat voor industriële processen de juiste 
vulgraad verkregen kan worden door de volledige drukonafhankelijke lekstromen mee te 
nemen.  
 
 
Polystyreen en mengsels van polystyreen 
 
Polymeren (plastics) zijn kettingen van monomeren. Monomeren zijn als het ware de 
bouwstenen van het polymeer, die chemisch aan elkaar geknoopt zijn. Eén van de bekendste 
monomeren is styreen. Worden de styreen-moleculen chemisch aan elkaar geknoopt (dit 
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proces heet polymeriseren) dan ontstaat een plastic met de naam poly-styreen. Polystyreen 
wordt gebruikt in eenvoudige produkten zoals piepschuim en koffiebekertjes. Het polymeer 
zelf is hard en doorzichtig en is daarom slechts voor een beperkt aantal toepassingen 
geschikt.  
De bruikbaarheid van het polymeer wordt voor een belangrijk deel bepaald door de lengte 
van de polymeerketen. Korte ketens zijn interessant voor toevoegingen aan verven en toners 
voor printers, terwijl lange ketens zonder toevoeging van andere stoffen toepassingen 
vinden. Veel plastic voorwerpen zijn daar een voorbeeld van. In dit onderzoek is gebleken 
dat voldoende lange ketens gemaakt kunnen worden in de extruder, terwijl ook redelijk korte 
ketens kunnen worden gesynthetiseerd in de extruder, hoewel voor directe toepassing de 
lengte waarschijnlijk nog wat korter dient te zijn.  
Om het aantal toepassingen te vergroten zijn de eigenschappen van het polystyreen 
veranderd door stoffen aan het plastic toe te voegen. Zo wordt een rubber toegevoegd om het 
polystyreen minder bros te maken. De koffiebekertjes zijn daarvan een voorbeeld, waarbij de 
witte kleur ontstaat door de aanwezigheid van het rubber.  
Een verbetering van de thermische eigenschappen kan worden verkregen door het toevoegen 
van PPE (de precieze formule staat in hoofdstuk 8) aan polystyreen. PPE vormt met 
polystyreen een heel bijzonder polymeermengsel, omdat het volledig mengbaar is. In dit 
onderzoek is het polymeermengsel op de volgende wijze gemaakt. Het PPE is opgelost in 
het monomeer styreen, waarna het mengsel van PPE in styreen wordt toegevoerd aan de 
extruder. In de extruder polymeriseert vervolgens het styreen, waarna een goed mengsel van 
de polymeren polystyreen en PPE is verkregen. Omdat het oplossen van PPE veel beter en 
gemakkelijker gaat in een monomeer dan in het bijbehorende polymeer, ligt met name in 
deze stap het grote voordeel van de methode. 
Op dezelfde wijze als bij PPE is geprobeerd een rubber te mengen in het polystyreen. Hierbij 
zijn de resultaten minder bevredigend, omdat voor een goede werking van het rubber deze 
component niet zeer fijn in het polystyreen verdeeld dient te zijn. Het extrusie-experiment 
levert een te fijne verdeling op van het rubber in het polystyreen. 
 
 
Copolymeren van styreen 
 
Het veranderen van de eigenschappen van een plastic kan ook op een tweede manier 
plaatsvinden. Niet het polymeer wordt gemengd met een andere stof, maar het monomeer 
kan worden gemengd met een tweede component voordat het polymeriseert. Zo'n polymeer 
dat uit twee soorten monomeren bestaat wordt een copolymeer genoemd. Bestaat het plastic 
uit drie soorten monomeren, dan spreken we van een terpolymeer.  
Behalve in hoofdstuk 8 is in dit proefschrift uitgegaan van een copolymerisatie van styreen 
(St) en n-butylmethacrylaat (BMA). BMA is het broertje van methylmethacrylaat, dat na 
polymerisatie perspex geeft. Het polymeer van St en BMA wordt gebruikt als toevoeging in 
toners en magneetbanden. Wordt het copolymeer zelf bekeken dan blijkt na polymerisatie 
een doorzichtig polymeer te ontstaan dat reeds bij lage temperatuur (30 °C) verweekt. Een 
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blik op de polymeerketen laat zien dat St- en BMA-monomeren een lichte neiging tot 
alterneren (= het elkaar afwisselen in de keten) vertonen. 
In hoofdstuk 5 zijn polymeerketens onderling verbonden door aan het monomeermengsel 
een crosslinker (dit is een monomeer dat in twee ketens tegelijk kan worden ingebouwd) toe 
te voegen. Door te crosslinken wordt de polymeersmelt veel visceuzer en krijgt het polymeer 
interessante eigenschappen. Deze studie heeft laten zien dat het licht crosslinken van het 
polymeer goed mogelijk is via reactieve extrusie.  
Een beroemd copolymeer is dat van St en maleïnezuuranhydride (Mah). Het polymeer is 
interessant omdat het monomeermengsel na polymerisatie een vrijwel perfect alternerend 
copolymeer vormt, met andere woorden St en Mah wisselen elkaar voortdurend af in de 
keten. Bovendien is de snelheid van polymeriseren opvallend hoog.  
In hoofdstuk 6 van dit proefschrift is met St, BMA en Mah een terpolymeer gesynthetiseerd. 
De hoeveelheid Mah in het monomeermengsel blijkt een goede parameter voor het 
beïnvloeden van de polymerisatiesnelheid Op deze wijze is de invloed van de 
polymerisatiesnelheid op het werkgebied van de extruder goed te bestuderen.  
 
 
De extruder als polymerisatiereactor 
 
Polymeriseren is een technologisch moeilijk proces. Tijdens een polymerisatie komt veel 
warmte vrij en, belangrijker, de viscositeit (stroperigheid) neemt sterk toe. Zo zijn de 
monomeren waterdun, terwijl het reactieprodukt vaak veel stroperiger is dan bijvoorbeeld 
bijenhoning. De grote viscositeit zorgt voor problemen bij het mengen en daardoor bij het 
goed verdelen en afvoeren van de reactiewarmte. Oplossingen zijn het langzaam laten 
polymeriseren van het monomeermengsel en het toevoegen van geringe (bv. 20 massa%) tot 
aanzienlijke hoeveelheden oplosmiddel. Een belangrijk nadeel van deze toevoegingen is dat 
het verwijderen van het oplosmiddel een energetisch kostbaar proces is. Bovendien gaat 
altijd een gering deel van hulpstoffen verloren tijdens de produktie. Om energetische en 
milieutechnische redenen is het dus voordelig te streven naar een oplosmiddelvrij 
polymerisatieproces.  
De extruder is ontworpen voor polymeersmelten en andere visceuze materialen. Om deze 
reden is het interessant het apparaat als polymerisatiereactor te onderzoeken, omdat de 
extruder geen oplosmiddelen nodig heeft. Bovendien is het extrudervolume relatief gering, 
zodat het apparaat flexibeler is dan de traditionele polymerisatieprocessen. Vorig onderzoek 
heeft aangetoond dat de tegendraaiende nauwsluitende dubbelschroefextruder de meest 
stabiele polymerisatie reactor is. Om deze reden is deze extruder gedurende het gehele 
onderzoek toegepast.  
Dit proefschrift beschrijft het proces van reactieve extrusie diepgaand, waarbij met name de 
invloed van materiaaleigenschappen op het proces een nieuw aspect is in het onderzoek naar 
reactieve extrusie. Materiaaleigenschappen is in deze context een breed begrip, waaronder 
bijvoorbeeld ook polymerisatiesnelheid van het monomeer (-mengsel) wordt verstaan.  
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De copolymerisatie van styreen en BMA blijkt mogelijk in de extruder. Het 
monomeermengsel kan in één stap voor 96% worden omgezet. De relatief lage 
reactiesnelheid zorgt er echter voor dat de doorzet beperkt wordt. De doorzet wordt met 
name gelimiteerd door de hoge spuitkopweerstand die nodig is om voldoende conversie (= 
omzetting) te verkrijgen. De sterk gelimiteerde doorzet maakt deze grootheid tot een 
variabele in het proces, waarvan de grootte op voorhand (nog) niet voorspeld kan worden.  
De spuitkopweerstand blijkt zeer belangrijk in het proces. Om de verschillende 
extrusieprocessen goed te kunnen vergelijken is het noodzakelijk de weerstand kwantitatief 
te kennen. In dit onderzoek is deze weerstand daarom kwantitatief bepaald.  
Binnen de procestechnologie is over het algemeen de invloed van het proces op het produkt 
het belangrijkste aspect van onderzoek. In de voorgaande paragrafen is daarover reeds iets 
verteld, bijvoorbeeld de beïnvloeding van de ketenlengte. In dit onderzoek bleken echter de 
materiaaleigenschappen het proces sterk te beïnvloeden. Deze invloed op het proces is 
onderzocht door een prepolymerisatie uit te voeren, het polymeer te crosslinken en het Mah-
gehalte in de voeding te variëren (hoofdstuk 4 tot 6). 
Prepolymerisatie (een deel van het monomeer wordt omgezet voordat het de extruder ingaat) 
blijkt een gunstige invloed te hebben op het proces. Hogere doorzetten worden 
gecombineerd met een verminderde afhankelijkheid van de extrusieparameters (dit zijn 
schroefsnelheid, spuitkopweerstand en temperatuur van het schroefhuis). Dit betekent dat 
een verandering of verstoring van het proces een geringere invloed heeft. Hieruit vloeit voort 
dat het proces stabieler is.  
Door te crosslinken (het materiaal visceuzer maken) of door meer Mah toe te voegen (de 
polymerisatiesnelheid te verhogen) worden soortgelijke effecten bereikt: hogere doorzetten 
en een verminderde afhankelijkheid van de extrusieparameters. Dit effect werd verwacht bij 
een snellere polymerisatie, maar het effect is opmerkelijk bij een grotere viscositeit. Het 
impliceert dat de reactietijd niet de enige bepalende factor is in reactieve extrusie. Dat 
crosslinken een vergroting van het werkgebied geeft, is vermoedelijk niet algemeen geldend.  
Om de resultaten te kunnen verklaren is de zogenaamde proptheorie ontwikkeld, die in de 
volgende paragraaf wordt uitgelegd.  
 
 
De proptheorie 
 
Uitgangspunt van de proptheorie is de aan- of afwezigheid van een prop volledig 
uitgereageerd materiaal voor de spuitkop. Indien zo'n prop voor de spuitkop aanwezig is, dan 
zal het systeem redelijk ongevoelig zijn voor veranderingen in extrusieparameters, omdat de 
produkteigenschappen van uitgereageerd materiaal niet meer kunnen veranderen. In het 
algemeen geldt: hoe groter de prop, hoe ongevoeliger het systeem voor veranderingen. Is de 
prop afwezig, dan gedraagt de extrusiepolymerisatie zich zoals de traditionele theorieën 
voorspellen.  
De spuitkopweerstand is een zeer krachtig (en onderschat) instrument voor het creëren van 
de prop. Een grote spuitkopweerstand zorgt voor een prop, waarbij het begrip groot 
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afhankelijk blijkt te zijn van het materiaal in de extruder. Voor bijvoorbeeld een snelle 
polymerisatie kan met een lagere weerstand worden volstaan dan voor een langzamere 
polymerisatie. De meest optimale situatie ontstaat wanneer een prop van minimale 
afmetingen wordt gecreëerd. Een nadeel van deze situatie is dat problemen met de stabiliteit 
van het proces niet uitgesloten moeten worden. Daarom is een prop met een zekere grootte 
noodzakelijk voor een stabiel proces, hoewel een te grote prop leidt tot onnodige 
energiedissipatie door het materiaal in de extruder.  
Vergeleken met normale extrusieprocessen is de doorzet in reactieve extrusie gelimiteerd. 
Deze limitatie kan verklaard worden door de grote viscositeitsverschillen tussen de voeding 
die de extruder ingaat en het produkt dat de extruder verlaat. Een prepolymerisatie en een 
snellere polymerisatie beperken het nadeel van de lagere doorzet. Een economische 
evaluatie zal bij die processen aangeven wat de daadwerkelijke haalbaarheid is. 
 


